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Chapter I 
General introduction 
 
I.1 Water treatment technology 
Water is the most important resource for human life and industry. Nowadays, access 
to water is still a serious issue all over the world, due to population growth and 
industrial progress [1]. To alleviate this, the efficient use of water resources (for 
example, seawater, river water, brackish water, and sewage water) is absolutely 
imperative. Currently, distillation methods (such as multi-stage flash distillation (MSF) 
and multi-effect distillation (MED)) and membrane separation methods (such as 
microfiltration (MF), ultrafiltration (UF), nanofiltration (NF), and reverse osmosis 
(RO)) are used for water treatment [2]. Distillation methods have a higher energy cost 
than membrane technologies, because a large amount of heat is needed for distillation. 
Thus, membrane technologies are widely used in water treatment systems and have 
received a lot of research attention [3]. Advantages of membrane separation 
technologies include the ability to separate particles in a wide range of sizes, from 
dissolved molecules to suspended particles, by choosing a suitable membrane, and the 
low energy cost, because membrane separation is unaccompanied by a phase transition; 
transfer of water molecules is achieved by applying pressure.  
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I.2 Membrane separation technology in water treatments 
I.2.1 Fundamental principle 
 Membrane separation is a technique that purifies a substance, such as water, by 
permeation though a membrane. The membrane separation mechanism can be 
categorized into two models: the molecular sieve model or the solution-diffusion model, 
depending on the presence or absence of membrane pores, respectively [5]. Figure I-1 (a) 
shows a schematic of the molecular sieve model. In membranes with pores, a substance 
smaller than the diameter of the pores goes through the membrane, meanwhile a 
substance larger than the pores is rejected. In this model, the dominant factor in the 
separation is the relationship between the membrane pore size and the molecular size 
[5]. On the other hand, Figure I-1 (b) shows a schematic of the solution-diffusion model. 
For a non-porous membrane, molecules dissolve and diffuse in the membrane across a 
concentration gradient, and are then desorbed from the surface of the membrane on the 
permeate side. In this case, the dominant factors are the solubility and diffusivity in the 
membrane [5, 6].  
Magnified visual analyses, such as optical microscopy and SEM observations, are often 
applied to determine whether pores in the membrane are present. However, when the 
membrane pore size is less than 1 nm, it is difficult to determine the actual pore size 
because of the thermal dynamic motion of the molecules, which occurs despite the solid 
nature of the membrane matrix. Therefore, when the pore size is less than 1 nm, the 
solution diffusion model is often used to explain the separation mechanism. In addition 
to size-based separation mechanisms, electrostatic interactions are also important 
factors for separations in aqueous solution. 
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Figure I-1. Membrane separation mechanisms 
(a) The molecular sieve model; (b) The solution-diffusion model 
 
I.2.2 Membrane filtration 
 There are two types of membrane filtration methods: the dead-end filtration method 
and the cross-flow filtration method (Figure I-2). In dead-end filtration, the permeate 
flux decreases with time, when the pressure applied is constant [7, 8]. This is why the 
filtration resistance increases at a steady rate, because the filtered substrates are rapidly 
deposited on the membrane surface [8]. On the other hand, in cross-flow filtration, the 
permeate flux decreases slightly over time under the same conditions as dead-end 
filtration. In pressure-driven membrane filtrations, membrane fouling occurs in both 
filtration methods. Dead-end filtrations are prone to more severe membrane fouling than 
cross-flow filtrations [9]. Therefore, cross-flow filtrations are more commonly used in 
current industrial processes. 
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Figure I-2. Two types of membrane filtration 
 
I.2.3 Classification of liquid separation membranes 
Liquid separation membranes are categorized by their pore sizes. The categories, in 
descending order of pore size, are microfiltration (MF), ultrafiltration (UF), 
nanofiltration (NF), and reverse osmosis (RO) [10]. The membrane types, approximate 
pore size range, and typical substrates are shown in Figure I-3.  
 
Figure. I-3. Classification of liquid separation membranes 
 
I.2.3.1 Microfiltration (MF) 
 Microfiltration membranes have pore sizes ranging from 0.01 to 10 m, and are mainly 
used for the separation of fungus bodies and suspended particles [10]. Substrates smaller 
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than these particles or bodies pass through MF membranes easily. Therefore, high levels 
of purity cannot be achieved by this method. It can be used in both dead-end and cross-
flow filtrations, but is more commonly used in the latter. MF membranes are made from 
a variety of materials, such as cellulose acetate, polyvinyl alcohol (PVA), 
polytetrafluoroethylene (PTFE), polyvinylidene difluoride (PVDF), etc. Recently, PVDF 
and similar materials have been commonly used, due to their high chemical and thermal 
resistances [11].  
 
I.2.3.2 Ultrafiltration (UF) 
 Ultrafiltration membranes have pore sizes smaller than microfiltration membranes, 
ranging from a few nm to approximately 100 nm. Polymeric substrates, whose molecular 
weights are in the range 1000–300000 g/mol, and colloidal substrates are rejected by the 
membrane, meanwhile low-molecular-weight materials and ions permeate across the 
membrane. UF membranes can be used in both the dead-end and cross-flow filtration 
methods, although, as with MF membranes, they are more commonly used in the latter. 
The UF membranes are made from a much smaller variety of materials than MF 
membranes. For example, polyacrylonitrile-, polysulfone-, polyethersulfone-, and 
polyvinylidene fluoride-based materials have all been put into practical use as UF 
membranes [11]. Recently, UF membranes have been made from ceramic materials [12, 
13].  
UF is often used as a pre-treatment prior to reverse osmosis. UF membranes cannot 
be used effectively in pretreatment if polymer materials are deposited on the membrane 
surface and severe membrane fouling occurs. To prevent membrane fouling, it is 
necessary to clean UF membranes using hot water or other suitable chemicals.  
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I.2.3.3 Nanofiltration (NF) 
 Nanofiltration membranes have pore sizes smaller than those of ultrafiltration 
membranes. Pores in NF membranes are 1–2 nm in size [10, 11]. Moreover, NF 
membranes have a charged layer on the membrane surface. The separation mechanism 
of NF membranes is a little different from that of other membranes, such as those used 
in MF and UF. NF membrane separation performance (water permeability and rejection) 
originates from the combined effects of molecular size separation and electrostatic 
repulsion. Membrane charge can be either positive or negative. NF membranes mainly 
consist of a polyamide layer and a polysulfone layer on nonwoven fabric. Many NF 
membranes have a negative charge, as a result of the fabrication method. As a result of 
the membrane charge, monovalent ions (e.g. Na+) pass through the membrane and 
bivalent ions (e.g. Ca2+) are rejected.  
 
I.2.3.4 Reverse osmosis (RO) 
 When a low-concentration solution and a high-concentration solution are separated by 
a semi-permeable membrane, both solutions proceed towards an equilibrium state. Thus, 
water molecules are transferred from a low concentration to a high concentration though 
the semi-permeable membrane. This is the reason why osmotic pressure develops 
between the solutions. Reverse osmosis requires a high hydraulic pressure to overcome 
the osmotic pressure of the feed solution. This pressure is applied to drive water 
permeation of the RO membrane (Figure. I-4) [10]. RO membranes are categorized into 
two types: cellulose acetate-based and aromatic polyamide-based membranes, which 
exhibit high chemical resistance and high water permeability, respectively. RO 
membranes are selected based on the water quality of the feed solution. Practical 
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applications of RO include seawater desalination, ultrapure water production, and 
concentrating chemical products.  
 
Figure I-4. The permeation mechanism of reverse osmosis 
 
The first RO membrane was made from cellulose acetate by Sourirajan et al [14]. They 
proposed the water permeation theory of RO, which suggested that water molecules was 
selectively absorb on the membrane surface and then selectively permeate in the 
presence of hydraulic pressure. In more recent reports, it has been shown that water 
molecules in macromolecules gravitate to polar groups and that the freezing point of 
water molecules in macromolecules is lower than 0 °C, as determined by calorimetric 
measurement. Additionally, it has been demonstrated that water molecules have a high 
viscosity in macromolecules and salt is not easily solvated in water in macromolecules. 
Therefore, pure water can be obtained from water in macromolecules by applied pressure. 
Kedem and Katchalsky have suggested that the transfer model is based on 
thermodynamic irreversibility, as per the following equation [11]: 
  PLJ pv   (I-1) 
  vsss JCCLJ  1   (I-2) 
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where Jv = permeate volume flux [LMH], Lp = water permeability [LMH/bar], P = 
applied pressure difference [bar], σ = refection factor [-], Js = solute flux [mol MH], Ls = 
salt permeability [LMH]. Here, the refection factor refers to the semi-permeability of the 
membrane. A perfect semi-permeable membrane has σ = 1. 
 
I.3 Forward osmosis 
I.3.1 Principle of forward osmosis 
As discussed previously, when two solutions with different concentrations are 
separated by a semi-permeable membranes, both solutions proceed towards an 
equilibrium state. Thus, water molecules are transferred from the low concentration side 
to the high concentration side though the semi-permeable membrane (Figure I-5). This 
physical phenomenon is commonly called forward osmosis (FO) [15, 16]. Here, the 
forward osmosis phenomenon is explained in more detail. Solutions such as fresh and 
salt water are place in tanks either side of the membrane. In this case, the constituent 
elements (e.g. water and ions) of the solution are in a state of random motion at around 
room temperature, due to thermal motion alone. Then, these molecules are constantly 
hitting the membrane surface and the tank wall. In the case of membrane with pores, 
molecules smaller than the pores can pass through the pore, with a fixed probability. An 
ideal semi-permeable membrane is only permeated by the solvent, without permeating 
any solutes and does not ion transport. In this situation, the number of water molecules 
at the salt water side of the membrane is lower than that of water molecules at the fresh 
water side, because both ions and water molecules are present in the salt water. 
Therefore, the number of water molecules which hit the membrane, per unit time, is 
greater at the fresh water side. In this case, the net water flux occurs from the fresh 
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water side to the salt water side, and the water level is raised at the salt water side. The 
difference in the water level between both solutions is called the osmotic pressure 
difference. 
 
Figure I-5. Principle of forward osmosis 
 
I.3.2 Relationship between osmotic pressure difference and hydraulic pressure difference 
The relationship between the osmotic pressure and the hydraulic pressure is shown in 
Figure I-6. In this figure, the x-axis shows the hydraulic pressure at the draw solution 
(DS) side, and the y-axis shows the water flux and water flow from the DS to the feed 
solution (FS), as defined in the positive state. When the applied pressure is equal to 0, 
this condition is called forward osmosis (FO). On the other hand, when the applied 
pressure is greater than 0, the water flux from FS to DS decreases until the applied 
pressure is equal to the osmotic pressure, and so the water flux is zero. Additionally, 
when the applied pressure is higher than the osmotic pressure, the flow direction is 
reversed. This condition is called reverse osmosis (RO). The range between FO and RO 
is called pressure retarded osmosis (PRO). Therefore, FO differs from RO in the following 
respects; in FO 1) the driving force is the osmotic pressure difference and 2) water 
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molecules are transferred from the FS to the DS. 
 
Figure I-6. Direction and magnitude of water flux as a function of applied pressure in 
FO, PRO and RO 
 
I.3.3 Theory and evaluation method of membrane performance 
 FO membranes consist of an active layer and a support layer; the roles of the layers 
are to increase separation performance and membrane strength, respectively. To 
evaluate FO membrane performance, different evaluation methods are used for each 
layer, such as a pressure-driven test (RO test) and an osmotic-driven test (FO test). The 
purpose of the RO test is to determine the performance of the active layer for water 
permeability (A value) and salt permeability (B value). The objective of the FO test is to 
determine the properties of the support layer, such as the structural parameter (S value). 
The S value is evaluated by measuring the leakage of salt and the dilution effect in the 
support layer. First, I will look at the RO test in more detail. 
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I.3.3.1 RO performance evaluation test for the active layer of the membrane 
The water permeability (A (LMH/bar)) is determined by dividing the pure water flux 
(JwRO) by the applied hydraulic pressure (ΔP), as follows [17, 18]: 
P
J
A
RO
w

  (I-3) 
The salt permeability is evaluated using a low concentration sodium chloride as the 
feed solution. In this case, an osmotic pressure difference between the feed solution and 
permeate solution is generated. The water flux in the salt water is calculated using the 
following equation:  
  pfeedROw(salt) PAJ    (I-4) 
where JwRO(salt) refers to the water flux when salt solution is used as the feed solution. 
πfeed and πp denote the mean osmotic pressures of the bulk feed solution and the permeate, 
respectively. In this case, the feed solution concentration at the membrane surface 
increased because the solute rejected by the membrane is deposited on the membrane 
surface. This phenomenon is called external concentration polarization (ECP), and is 
illustrated in Figure I-7. To take account of the ECP effect,  
  pmfeedROw(salt) PAJ   ,  (I-5) 
where πfeed, m refers to the osmotic pressure of the feed solution near the membrane 
surface. 
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Figure I-7. Schematic illustration of external concentration polarization in RO 
 
Therefore, salt permeability (B (LMH)) can be calculated as follows [19-21]: 
















 

RO
RO
w(salt)
app
app
w(salt) exp
1
k
J
R
R
JB RO  (I-6) 




















RO
w(pure)
RO
w(salt)
pfeed
w(salt)
RO
1ln
J
JP
J
k
RO

 (I-7) 
b
p
app
C
C
R  1  (I-8) 
where Rapp and kRO are the apparent salt rejection and mass transfer coefficients, 
respectively; and Cp and Cfeed are the salt concentrations in the permeate water and the 
feed solution, respectively.  
 
 
13 
 
I.3.3.2 FO performance evaluation test for the support layer of the membrane 
 As mentioned above, the performance of the support layer of the membrane is 
evaluated as the structural parameter (S value). The S value is related to the magnitude 
of the internal concentration polarization (ICP) [17, 21-28]. ICP is a phenomenon 
exclusive to FO. ICP occurs within the support layer of the membrane, and is 
characterized by differing solute concentrations at the transverse boundaries of the layer. 
The result of ICP is a reduction in the osmotic pressure gradient across the active layer 
of the membrane and a corresponding reduction in water flux. Additionally, the degree 
of ICP depends on the orientation of the membrane. Here, I define the active layer the 
facing feed solution as AL-facing-FS. Similarly, I define the active layer facing the draw 
solution as AL-facing-DS. Assuming there is no ECP, the concentration curve in the 
membrane is shown in Figure I-8. In the AL-facing-FS scenario, water molecules are 
transferred from the FS to the DS and so DS dilution occurs. In addition, DS solute in 
the support layer was prevented from diffusing by the porous support layer, resulting in 
dilutive ICP (Figure I-8 (AL-facing-FS)). On the other hand, in AL-facing-DS, DS solutes 
are back diffused from the DS to the FS and DS solutes in the support layer are 
prevented from diffusing by the porous support layer, resulting in concentrative ICP 
(Figure I-8 (AL-facing-DS)). Therefore, the influence of ICP is greater in AL-facing-FS 
than AL-facing-DS. 
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Figure I-8. Schematic illustration of internal concentration polarization in FO  
 
I.3.3.3 Theoretical FO flux and reverse solute flux  
ICP is caused when the DS solutes are difficult to diffuse through the support layer. 
The degree of ICP is determined by the structure and specific parameter of the support 
membrane. This specific parameter is expressed as the S value, in Eq. (I-9) the S value 
is defined using the membrane thickness (t), tortuosity (τ), and porosity (ε) of the support 
membrane [17, 21, 22].  

t
S   (I-9) 
 Water flux in osmotic pressure-driven processes can be calculated by using S value. 
Figure I-9 shows each concentration at the membrane surface and in the bulk solutions, 
and the effects of ICP.  
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Figure I-9. Schematic illustration of internal concentration polarization in FO  
 
In an osmotic pressure-driven process, the osmotic pressure is always higher than the 
hydraulic pressure. The water flux in FO (JwFO) is calculated as follows: 
 PAJ FOw  eff  (I-10) 
mFS,mDS,eff    (I-11) 
where πeff is the effective osmotic pressure, πDS, m and πFS, m refer to the osmotic 
pressures of the draw and feed solutions near the membrane surface, respectively. On 
the other hand, reverse salt flux (Js) occurs due to the concentration difference across the 
membrane. Js is expressed using the DS concentration near the membrane surface 
(CDS,m) and the FS concentration near the membrane surface [27].  
 mFS,mDS,s CCBJ   (I-12) 
16 
 
To consider the mass balance in the membrane inside at the steady state, Js is expressed 
as the mutual diffusion coefficient, D, and the solute concentration at position x, used in 
a Fick’s law equation as follows [28]:  
 xCJ
dx
dC
DJ FOws    (I-13) 
Eqs. (I-10)～(I-13) are basic equations for the calculation of FO flux in AL-facing FS. By 
setting equations (I-12) and (I-13) equal to each other about Js, equation (I-14) can be 
obtained. 
   xCJCCB
dC
D
dx
FO
wmFS,mDS, 


 (I-14) 
Integration of equation (I-13) using the boundary condition (x = 0, C = CDS,m and  
x = tτ, C = CDS,m): 
    

bDS,
mDS,
wmFS,mDS,
0
1 C
C FO
t
xCJCCB
dC
dx
D


 (I-15) 
 
  mDSFO
FO
FO
w CJCCB
CJCCB
JD
t
,wmFS,mDS,
bDS,wmFS,mDS,
ln
1





 (I-16) 
 
FOFO
FOFO
JJ
D
S
B
CJJ
D
S
BC
C
ww
bDS,wwmFS,
mDS,
exp1
exp1


























  (I-17) 
Here, I assume a van’t Hoff law relationship between the solution concentration and the 
osmotic pressure. The van’t Hoff equation is as follows: 
TCRg   (I-18) 
where is the van’t Hoff coefficient, Rg is the gas constant and T is the absolute 
temperature. Eq. (I-18) can be substituted into Eq. (I-17) as follows: 
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mDS,
exp1
exp1






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
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


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Combining Eqs. (I-10) and (I-19) gives Eq. (I-20), assuming the P =0 in the FO operation. 
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In Eq. (20), it can be assumed πFS,m = πFS,b.  
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The reverse solute flux is obtained by combining Eqs (I-13) and (I-17) as follows: 
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In a similar fashion, the FO flux and reverse solute flux in AL-facing-DS is obtained 
using Eqs (I-23) and (I-24), respectively. 
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In the above case, these equations only consider the ICP effect. In actuality, FO 
operations are affected by ICP effects and ECP effects, like RO operations. The 
concentration curves including ICP and ECP effects are shown in Figure I-10. 
 
Figure I-10. Schematic illustration of concentration polarization in FO  
 
In AL-facing-FS, equations for FO flux and reverse salt flux can be modified as follows 
to take account of both effects: 
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In similar fashion, the FO flux and the reverse solute flux in AL-facing-DS can be 
modified as follows in Eqs (I-27) and (I-28), respectively. 
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I.3.4 Development of FO membranes 
 In previous report, some researchers have already established that FO membranes 
are different from RO membranes. Commercial RO membranes are unsuitable for the 
FO permeation test, as RO membranes do not have high water permeation performance. 
This is because RO membrane structures are optimized for hydraulic pressure driven 
processes [29]. As mentioned previously, RO requires a high hydraulic pressure to be 
applied to overcome the osmotic pressure of the feed solution. Thus, a requirement of RO 
membranes is high pressure resistance, leading to the dense structure of the support 
layer. In FO processes, concentration polarization (especially ICP) occurs within the 
support layer. Therefore, the density of the support layer is one of the most influential 
factors in FO flux decline. FO membranes can be categorized into two types of 
membranes. One is the hollow fiber type; the other is the flat-sheet type (similar to RO 
membranes). The membrane structures are also categorized into thin-film composite 
(TFC) membranes and asymmetric membranes. TFC membranes consist of three layers, 
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a polyamide-active layer, a support layer and a nonwoven fabric layer. Asymmetric 
membranes consist of cellulose triacetate (CTA) with or without a nonwoven fabric layer. 
These categorizations are summarized in Figure I-11.  
 
Polyamide TFC flat-sheet membranes 
 Commercial RO membranes are almost exclusively fabricated from a PSf layer on a 
PET nonwoven support (Figure I-11 (A)). Active layer preparation is carried out on the 
support layer via interfacial polymerization of m-phenylenediamine (MPD) and trimesoyl 
chloride (TMC), which results in a very thin active layer. Therefore, high water 
permeability and high salt rejection are achieved under hydraulic pressure driven 
conditions. However, support layers in TFC membranes have high structural parameters 
(S value) because of their highly dense structure. 
 
Asymmetric flat-sheet membranes 
Asymmetric flat-sheet membranes are commercially available membranes made from 
cellulose triacetate (CTA), as shown in Figure I-11 (B). These membranes have no 
separate support layer, rather, there is a polyester mesh inside the membrane. Hence, 
this type of membrane has no clear-cut boundary between the active layer and the 
support layer. The water permeability of asymmetric flat-sheet membranes is lower than 
that of TFC flat-sheet membranes as the active layer is thicker. On the other hand, the 
S value of asymmetric flat-sheet membranes is smaller than that of TFC flat-sheet 
membranes. Their low S values suggest that asymmetric flat-sheet membranes have 
better FO performance than TFC flat-sheet membranes. 
 
21 
 
Asymmetric hollow fiber membranes 
Asymmetric hollow fiber membranes are commercially available reverse osmosis 
membranes made from CTA, as shown in Figure I-11 (D). This figure shows a dense 
active layer at the outer surface of a hollow fiber. This membrane also does not have a 
clear-cut boundary between the active layer and the support layer. The water 
permeability of asymmetric hollow fiber membranes is lower than that of TFC flat-sheet 
membranes. However, in the case of hollow fiber membranes, the effective membrane 
area in the membrane module is 10 times higher than that of flat-sheet membranes. 
Thus, the total amount of water permeation per membrane module is the same in both 
types of membrane.  
 
Thin-film composite hollow fiber membranes 
Thin-film composite hollow fiber membranes have not yet been placed on the 
commercial market. However, there are literature reports about lab-scale use of this type 
of membrane (Figure I-11 (C)). Active layer preparation is carried out on a hollow fiber 
support outer, or inner, layer via interfacial polymerization of MPD and TMC, as in a 
flat-sheet membrane. This membrane is expected to possess high water permeability and 
a large effective membrane area.  
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Figure I-11. Various types of FO membranes 
 
Recently, a lot of research has focused on membrane development for FO. These new 
research strategies provide improvements to the support membrane, allowing high mass 
transfer and reducing the concentration polarization (ICP and ECP). Additionally, FO 
membranes are expected to have mechanical stability, antifouling properties, and 
chemical resistance [16]. Up until now, various support membrane matrixes have been 
used, including polysulfone [30, 31], carboxylated polysulfone [32], Nylon 6,6 [33, 34], 
polyether sulfone [35], sulfonated polysulfone [36], polyphenylsulfone [36], cellulose 
acetate [37], cellulose triacetate [37], cellulose acetate butyrate [37], hydrophilic 
cellulose acetate propionate [38], sulfonated polyether ketone [39], polyacrylonitrile [40], 
polybenzimidazole [41], and polyamide-imide [42].  
To develop high performance FO membranes, it is necessary to reduce the degree of 
ICP. The importance of this phenomenon was suggested by Lee [43] and Loeb [44] more 
than 30 years ago. Many researchers have attempted to reduce the ICP by modifying the 
structure of the support layer, to improve the FO performance of the membrane. 
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However, no innovative approaches to ICP reduction have yet been found. Henceforth, 
fabrication strategies for the FO membranes will not only focus on the reduction of ICP 
to improve the FO flux, but also optimization of membrane structure for specific 
applications.  
 
I.3.5 Development of draw solutions 
 Development of draw solutions (DS) is the other important factor in optimizing FO 
processes. Specifically, the development of a low energy cost recovery system for the DS 
is the most urgent topic of research, with an immediate practical use. Because the 
chemical potential of the FO system decreases during the process, the recovery processes 
return the DS to its former level. Furthermore, the recovery process itself has a high 
energy cost. The critical criteria for the selection of a DS include: 1) lack of toxicity, 2) 
low energy cost, 3) easily recoverable or regenerated, 4) high osmotic pressure (at low 
concentrations), 5) low viscosity, 6) high solubility, 7) low reverse solute diffusion, 8) not 
adversely affected by contamination by ions from the FS, 9) minimal effect on ICP, 10) 
will not damage the membrane [45, 46].  
 In previous studies, a number of solutions, either naturally occurring or synthetic, 
have been suggested for use as DSs [46]. The various types of DS are listed in Table I-1. 
It is clear that further studies are needed, as none of those draw solutes are perfect. 
Herein, each draw solute is explained in further detail. 
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Table I-1. Various types of draw solutes for FO 
 
 
Inorganic salts 
 Using inorganic salts in the DS is the most widely studied composition in FO research, 
because many commercially available chemicals produce a DS with a high osmotic 
pressure [25, 45, 47-58]. Achill et al. have suggested a protocol for choosing suitable 
inorganic salts to use in a DS [45]. They screened over 500 inorganic compounds and 
evaluated by three standard measures, as follows: chemical solubility and safety, 
generating osmotic pressure, and cost per liter of the DS needed for producing an osmotic 
pressure of 2.8 MPa. After the first screening, only 14 chemicals were accepted. These 
chemicals were tested in an FO permeation test using a commercially available 
membrane (HTI). In the case of KHCO3, MgSO4 and NaHCO3, good FO performance 
(including high water flux and low ICP) was confirmed. However, it was difficult to 
regenerate the original concentration from a diluted solution of inorganic salts. The 
recovery system for inorganic salts commonly used a distillation or membrane separation 
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technology such as RO or NF. Therefore, these systems required a high energy cost to 
regenerate the DS. 
 
Organic compounds 
 Organic compounds are not commonly used in creating DSs in FO research. Several 
organic compounds used for DSs have been reported in the literature [59-68]. The 
characteristics of suitable organic compounds are that they do not act as electrolytes and 
have a large compound size. Thus, organic compounds generally have a low osmotic 
pressure, resulting in much lower water transfer in FO operations. However, their major 
advantage is that organic compounds can be experimentally designed to create desirable 
physiochemical properties such as solubility, diffusivity, and molecular size. Organic 
compounds are also difficult to recover to their original concentration from a diluted 
solution; the DSs were regenerated by distillation.  
 
Magnetic nanoparticle 
 Superparamagnetic nanoparticles have also been used as the draw solute in FO 
processes [74-85]. The most interesting aspect is using a magnetic field to regenerate the 
DS. The regeneration time of the DS depends on the particle size and magnetic field 
strength. A water flux of up to 10.4 LMH was obtained with polyacrylic acid-covered 
particles [77]. However, the water flux dramatically decreased after the regeneration of 
the DS because the particles became aggregated. Improvements in these particles are 
required for greater stability.  
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Hydrogel 
 Hydrogels are crosslinked three-dimensional polymers containing hydrophilic groups 
with a large amount of water trapped within the network. The dewatering of swollen 
hydrogels can be easily achieved using stimuli such as pH, pressure, temperature, and 
light [86-98]. Dewatering changes the form of hydrogels by releasing the water. Li et al. 
were focused on using hydrogels as draw solutes for the first time [91]. The hydrogels 
made from crosslinked PSA generated the highest water flux in FO processes. This is 
because the strong interactions between the polymer and the water molecules decreases 
the water’s chemical potential and increases the chemical potential gradient across the 
membrane. 
 
Dissolved gases or volatiles 
 Highly concentrated gases or volatiles have been used as draw solutes. These draw 
solutes can generate high osmotic pressure and can easily be regenerated by evaporation 
using low heat from a waste heat source [99-103]. The NH3-CO2 mixture is 
representative of a thermolytic-type DS is one of most researched gaseous draw solutes. 
In the case of a 6 M NH3-CO2 mixture, it is estimated that an osmotic pressure of over 
30 MPa can be generated; this value is higher than the osmotic pressure of seawater 
[102, 103]. Additionally, a NH3-CO2 mixture can be regenerated easily by thermal 
decomposition at around 60°C. Although, high reverse salt flux in this DS was caused by 
decreasing the water flux. To achieve standard water quality treatment, NH3 is required 
to be removed until its concentration is below 2 mg/L. 
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Switchable polarity solvent 
 A switchable polarity solvent (SPS) was used as the draw solute in previous studies 
[104-109]. The transition of an SPS from being water miscible to water immiscible 
depends on the presence or absence of carbon dioxide (CO2), respectively [104]. A high 
osmotic pressure can be generated when the SPS solute is in its polar form. To regenerate 
the SPS solution, air or nitrogen gases are introduced into a diluted SPS solution, 
thereby causing the emission of CO2 and separating the water-rich phase and the water 
immiscible phase. Therefore, SPS solutions are easily regenerated. However, there are 
problems with SPS solutions: 1) tertiary-amines are volatile compounds, 2) amines 
remained in the water-rich phase after emission of CO2. 
 
Figure I-12. Mechanism of switchable polarity solvent 
 
Sugars 
 Sugars have been used in DSs and are categorized as organic compounds. They have 
usually been used in situations with no requirements for recovery [122-124]. Sugar-
based draw solutes have already been commercialized to include in emergency packs. 
This pack includes an FO membrane and sugar solution; when the pack is immersed in 
an aqueous solution such as seawater or wastewater, water molecules are gradually 
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transferred from the aqueous side to the sugar solution side. As a result, the diluted 
sugar solution can be drunk. The disadvantages of this draw solute that sugar-based FO 
takes a long-time (about 10-12 h) and its applications are limited.  
 
I.3.6 Potential applications of FO 
I.3.6.1 Water treatment 
Seawater desalination 
 Direct FO desalination is the most popular system in FO research [74, 81, 86, 125-128]. 
This system, which consists of two parts (the FO permeation stage and the DS recovery 
stage), is similar in concept to the desalination process with previous membrane 
technologies (i.e. reverse osmosis and nanofiltration), as shown in Figure I-13. The feed 
solution (FS) was seawater or brackish water and a DS whose osmotic pressure is higher 
than the osmotic pressure of the FS was used. A DS recovery stage is needed to recover 
the fresh water from the diluted DS. Therefore, water which has permeated though the 
membrane cannot be drunk directly. This is distinct from previous membrane technology. 
Hence, the direct FO desalination system has also been improved, in order to achieve an 
easier and more suitable DS recovery stage.  
 Alternatively, indirect FO desalination systems consists of two parts (the FO 
permeation stage and the membrane filtration stage), as shown in Figure I-14. The FS 
is a low quality water source, such as wastewater effluent or municipal wastewater, and 
the DS used is high salinity water, such as seawater or brackish water. Additionally, as 
the DS is uncharged, water permeates from the FS by osmotic pressure across the 
membrane. Diluted seawater was regenerated by low-pressure reverse osmosis (LPRO) 
and reduced the operating cost of the whole desalination process. Moreover, the post-
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treatment cost of concentrated wastewater effluent was lower than that of standard 
wastewater effluent, due to the decrease in wastewater volume. 
 
Figure I-13. Schematic illustration of direct FO desalination 
 
 
Figure I-14. Schematic illustration of indirect FO desalination 
 
FO-RO hybrid system 
The FO-RO hybrid system was suggested as a hybrid system for the desalination of 
seawater (Figure. I-15). In this system, the role of the 1st FO and the 2nd FO was to 
decrease the concentration of the seawater and decrease the concentration of 
30 
 
concentrated RO brine water, respectively. Therefore, it may be possible to reduce the 
energy cost of the desalination due to the low osmotic pressure of the diluted seawater. 
Moreover, the concentrated RO brine water was diluted by the 2nd FO process, and 
discharged directly in to the sea. This process concept originated with the indirect 
desalination method.  
 
 
Manipulated Osmosis Desalination (MOD) 
 Modern Water Inc. proposed that a seawater desalination system called manipulated 
osmosis desalination (MOD), as shown in Figure. I-16 [128]. In this system, the water 
molecules are transferred from the seawater side to the osmotic argent (OA) side and 
diluted OA is regenerated by the RO membrane process. Thus, FO process plays a role 
in pretreatment prior to the RO process. In previous reports [129], the anti-fouling 
properties of the FO process were found to be greater than those of the RO process and 
the water permeation flux using the foulant-free diluted OA was maintained for more 
than 24 months without chemical cleaning. This system is expected to be suitable for 
highly polluted seawater desalination. 
Figure I-15. Schematic diagram of FO/RO hybrid system. 
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Figure I-16. FO desalination system by Modern Water [129]. 
 
FO-membrane distribution (MD) hybrid system 
 The FO-membrane distribution (MD) hybrid system is a waste water treatment 
technology [130-133]. This system consists of an FO part as the water permeation unit 
and an MD part as the DS recovery unit, as shown in Figure I-17. The MD process 
continuously regenerates the diluted DS and the FO part simultaneously produces high-
purity water from the permeate side of the MD unit. The advantages of the combined FO 
and MD process are a high quality water product, low levels of fouling and the potential 
usage of industrial waste heat. An additional benefit is the complete rejection of most 
organic contaminants. Some researchers investigated the most suitable DS for this 
process. For example, inorganic salts such as magnesium chloride [131], polyelectrolytes 
(PAA-Na) [132], and 2-methlimidazole-based compounds [133].  
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Figure I-17. Schematic diagram of FO-membrane distribution (MD) hybrid process 
 
FO-Irrigation 
 A schematic illustration of the FO-irrigation process is shown in Figure I-18. In this 
process, a DS is used which does not require a recovery system, such as concentrated 
fertilizer solution [134]. The feed solution used was a saline water source. Therefore, 
water molecules are transferred from the saline to the concentrated fertilizer solution. 
The diluted fertilizer concentration is controlled using fresh water, and then the fertilizer 
can be used directly for the fertigation system. The energy consumption of this process 
is low because it is only required for running two pumps and does not need a high 
hydraulic pressure. In general, fertigation gives a better crop response than either 
banded or broadcast fertilizer applications. Fertigation can also be advantageous in 
combination with other micronutrients in a dust free environment, eliminating separate 
applications of chemicals. 
 However, this process has serious problems in that the concentration of the dilute 
fertilizer solution is too high for use as fertilizer. This is the reason why water permeates 
from the saline water source to the fertilizer solution—the concentration of the fertilizer 
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limited to the osmotic potential equal to that of the saline water source. 
 
 
Figure I-18. Schematic diagram of FO-irrigation (fertilizer) [134]. 
 
Combination of electrodialysis and forward osmosis 
 The electrodialysis (ED) and forward osmosis (FO) hybrid system proposed to produce 
potable water by using a feed solution of brackish or waste water [135]. This system 
consists of an FO part as the water permeation unit and an ED part as the DS recovery 
unit, as shown in Figure I-19. In the ED unit, the dilute DS is regenerated and high-
purity water is produced. The regenerated DS was recycled to the FO unit. The 
important issue with the ED unit is the high energy cost due to the large amount of 
electric power required. In this case, the electric power is obtained by utilizing solar 
energy to reduce the energy cost. The advantages of this system are good efficiency for 
the removal of organic carbon by the ED unit and it is well suited to isolated, remote 
areas and islands.  
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Figure I-19 Schematic diagram of FO-electrolysis hybrid system [135] 
 
Emergency pack (SeaPack®) 
SeaPack® is an example of the practical application of FO technology. This pack was 
developed for the purpose of providing clean water for the military and in emergency 
situations [124]. The mechanism of this pack is simple; when the pack is immersed in an 
aqueous solution, such as muddy water or seawater, water molecules gradually flow 
across the membrane to dilute the drink, because high osmotic pressure is generated by 
the drinkable powder (containing sugars) within the pack. However, the process can take 
a long time (about 10-12 h) to obtain drinking water.  
 
I.3.6.2 Osmotic power generation 
Pressure retarded osmosis 
Pressure retard osmosis (PRO) is one of the methods for generating electrical energy 
from salt solutions with differing concentrations and an FO membrane. The mixing of 
two aqueous streams with different salinities releases energy, called either salinity-
gradient energy or osmotic power. Loeb et al. began publishing results from PRO 
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experiments in 1976 [136, 137]. However, this power generation method was not efficient 
enough to actually be utilized, due to the PRO membrane performance being inadequate. 
Recently, PRO has again attracted interest because of the development of high efficiency 
PRO membranes. A Norwegian energy company, Statkraft, built the world’s first PRO 
osmotic power plant in 2009 [138].  
Figure I-20 shows the power generation process using PRO. The image shows the draw 
solution (DS) with a booster pump and pressure exchanger on one side, and feed solution 
(FS) with a low-pressure pump on the other side, feeding into a container containing the 
FO membrane (membrane module). An osmotic pressure difference forms between the 
bulk draw and feed solutions at the membrane interface. Water from the low salinity FS 
permeates through the membrane into the pressurized DS; electric power is obtained by 
depressurizing a portion of the diluted seawater through a hydro-turbine [35]. Pressure 
exchanger (PX) could recycle released pressure as supplied pressure at an efficiency of 
more than nine-tenths. Therefore, PX can be utilized to improve energy efficiency. 
 
 
Figure I-20. Schematic diagram of a PRO process [141] 
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 The advantage of PRO is that it provides a stable supply of electric power, regardless 
of the weather or season, using fresh water and seawater. Therefore, there are great 
hopes that PRO can be used as a high stability power supply, different from solar and 
wind power. Additionally, PRO systems can be built as close urban areas as possible 
because of their small footprint, resulting in decreasing the costs of electrical energy 
transmission. In a desalination plant, brackish water is disposed of in the sea and isn’t 
usefully utilized. Consequently, energy efficiency can be enhanced by diluting brackish 
water from a desalination plant and utilizing it effectively. However, power generation 
by PRO has not yet proved to be commercially feasible, because of the need for an FO 
membrane with a high water flux and the investigation of optimal operating conditions. 
Gerstandt [140] et al. achieved a maximum experimental power density (3.5 W/m2) with 
a cellulose triacetate (CTA) membrane and a draw solution having approximately the 
same concentration as seawater [139-146].  
 
I.4 Purpose of this study 
 In this study, fabrication of a hollow fiber type FO membrane with high FO 
performance was investigated. As mentioned in the above sections, the ICP effect has a 
significant influence on the FO performance [17, 21-28]. A large number of FO 
membranes have been developed and used on the lab-scale, such as thin-film composite 
(TFC) with aromatic polyamide active layer flat sheet membranes [31], TFC-hollow fiber 
membranes [147], layer-by-layer (LbL) active layer flat sheet membranes [148], dual-
skin active layer flat sheet membranes [149], and biomimetic membranes [150]. HF-type 
membranes have advantages over flat-sheet type membranes owing to their large 
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specific membrane area and easy modular construction [151-153]. However, the FO 
performance of lab-scale membranes is different from that of large-scale membrane 
modules; other factors influence their performance as a result of the large specific 
membrane areas of membrane modules. 
Therefore, in this thesis, I have focused on hollow fiber (HF) membranes and have 
proposed a highly versatile model for predicting FO performance from small-scale HF 
membranes to large-scale HF membranes. A high FO performance HF membrane was 
fabricated based on the simulation results of my prediction model. 
In addition, there were other significant factors affecting the forward osmosis process. 
It is not clear whether FO processes are being introduced to all their potential 
applications. As mentioned above, many researchers have proposed some interesting 
uses for FO, such as desalination to obtain drinking water [74, 81, 86, 125-128]. In this 
thesis, I have also proposed novel FO processes, such as bioethanol production from 
lignocellulosic biomass. The bioethanol production process requires the concentration of 
the sugar solution, so FO processes may be advantageous to the concentration process.  
 
I.5 Scope of this thesis 
This thesis is divided into the following eight chapters. 
Chapter I contains the introduction, background information regarding the 
membrane separation water treatment systems, and a review of previous studies on 
forward osmosis processes. The aim, purpose, strategy, and scope of this thesis are also 
given. 
Chapter II describes the evaluation of the FO performance of cellulose triacetate 
(CTA) hollow-fiber (HF) forward-osmosis membranes under various operating conditions 
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(such as the draw solution concentration, cross flow velocity, membrane orientation, and 
temperature). Using FO hollow-fiber membranes is advantageous to achieve wide 
application of FO at an industrial level because of their large specific membrane areas. 
In addition, the calculated FO performance under certain operating conditions was 
compared with the experimental data.  
Chapter III describes the evaluation of the PAO performance of CTA HF FO 
membranes under various operating conditions. This section describes the experiments 
carried out to investigate membrane structures and operating conditions in the PAO 
process. The effects of the applied pressure, the draw solution concentration, and the 
structure parameter of the HF membranes on the PAO performance were investigated. 
The water flux in the PAO process was also analyzed theoretically.  
Chapter IV proposes a theoretical model to predict the FO performance of a large-
scale HF FO module with a cross-wound HF configuration. This is a simple modified 
analytical model, based on the friction-concentration polarization (FCP) model, in which 
external concentration polarization and pressure drop were considered. The effects of 
operating conditions, such as the inlet flow rate, membrane orientation, salt 
concentration, and salt type, on the module performance of a 5-inch-scale HF module 
were investigated. 
Chapter V describes the fabrication of a thin-film composite (TFC) HF FO membrane 
using a polyketone HF membrane as a support, to investigate the effect of the diameter 
of the HF support membrane on the FO performance of the TFC-HF-FO membranes. 
The FO performance of the fabricated TFC membranes was analyzed using intrinsic 
membrane parameters obtained by an FO fitting method. The prepared TFC FO 
membranes were also evaluated to determine the maximum burst pressure and pressure 
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drop on the bore side of TFC FO membranes.  
Chapter VI suggests a potential application of FO methods. In this section, FO was 
employed for bioethanol production from lignocellulosic biomass. First, three types of 
DSs were examined to permeate water using a model sugar solution containing mainly 
xylose. After determining the most suitable DS for this process, I used the liquid fraction 
of hot water-pretreated rice straw as the FS. Finally, ethanol fermentation from the up-
concentrated sugar solution using the xylose-assimilating Saccharomyces cerevisiae 
strain was evaluated. 
Chapter VII suggests the optimal conditions for forward osmosis concentration in 
bioethanol production from lignocellulosic biomass. In this process, the most important 
factor is the selectivity between sugars and fermentation inhibitors. However, 
commercially available FO membranes have insufficient permselectivity between sugars 
and fermentation inhibitors. I proposed an NF-FO hybrid process to decrease the 
concentration of the fermentation inhibitors by the pretreatment method to achieve an 
efficient fermentation test. The concentrations of fermentation inhibitor and sugar and 
the concentration and yield of ethanol were evaluated.  
Chapter VIII summarizes the conclusions of this thesis. 
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Chapter II 
Effect of operating conditions on osmotic-driven 
membrane performances of cellulose triacetate 
forward osmosis hollow fiber membrane 
 
II.1 Introduction 
As a mentioned in chapter I, forward osmosis (FO) enables spontaneous transport of 
water molecules through a selective semi-permeable membrane from a lower 
concentration solution (feed solution: FS) to a higher concentration solution (draw 
solution: DS) by an osmotic pressure gradient. FO membrane processes have gained 
much research interest because of their versatile potential as an alternative membrane 
technology in areas such as hybrid desalination [1-3], wastewater treatment [4] and 
energy production [7] and recent developments in FO membranes have generated 
opportunities and potential for application at the industrial level.  
To achieve widespread use of FO processes, the development of FO membranes with 
high performance is required, because commercial RO membranes cannot be typically 
used as FO membranes. Recent numerous efforts have been made toward developing 
high-performance FO membranes, with a considerably higher water permeability than 
that of commercial FO membranes by tuning the support layer structure and the active 
layer characteristics [8-24]. However, for industrial applications, the development of 
large-scale FO membrane modules is required. Although both the flat sheet-based spiral-
type module and hollow fiber (HF)-type module configurations have been trialed in large-
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scale experiments, the HF-type modules are more advantageous owing to their large 
specific membrane area and easy module construction [25-28]. HF membranes with 
smaller diameter can enable the fabrication of modules with larger effective membrane 
area. For example, a commercially available FO spiral modules have an effective 
membrane area about 3.2 m2 (diameter: 4 inch, length: 40 inch) [29] and 17.6 m2 
(diameter: 8 inch, length: 40 inch) [30]. On the other hand, HF membranes with the 
diameter of approximately 180 μm used in this study enable to provide a larger effective 
area over 60 m2 of 5-inch scale module (diameter: 5 inch, length: 26.9 inch) [31]. Although 
there are some report about fabrication of HF FO membranes, those diameters were 
about 1 mm [24, 25]. Therefore, the HF used in this study is one of smallest HF FO 
membrane promising larger membrane area in the module. 
In this study, I evaluated the performance of three types of HF membranes with 
diameters of less than 200 μm. The effect of operating conditions such as the salt 
concentration of the DS, inlet flow rates of DS and FS, membrane orientation, and 
temperature on the osmotically driven membrane performance was investigated. 
Furthermore, the experimentally determined membrane performance was theoretically 
analyzed. 
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II.2 Theory 
The osmotically driven membrane performance generally depends on membrane 
orientation; asymmetric membranes are usually used. The reverse diffusion of the 
permeate water and salt leakage results in an internal concentration polarization (ICP) 
in the porous support layer as shown in Figure II-1. When the active layer is facing the 
DS (AL-DS), the solute concentration at the interface between the active layer and 
support layer becomes higher than the bulk feed concentration because of the leaked salt 
accumulation (concentrative ICP). In contrast, when the active layer is facing the FS 
(AL-FS), the solute concentration at the interface becomes lower owing to the DS dilution 
by permeated water (dilutive ICP). In both cases, the available osmotic driving force 
becomes smaller than that based on the apparent concentration difference between the 
bulk DS and bulk FS. The permeate FO flux (JwFO) can be expressed by using the 
classical solution diffusion theory involving ICP effect in support layer as follows [31-39]: 
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where D is the bulk solution diffusivity of DS; πDS and πFS are the osmotic pressures of 
DS and FS, respectively; A and B are the water permeability and salt permeability, 
respectively. S, in Eq. (II-3), is the structural parameter expressed using thickness (t), 
tortuosity (τ), and porosity (ε) of the support membrane. As shown in Figure II-1, the 
subscripts of “sm” and “am” refer to support layer edge and active layer surface, 
respectively. The subscript of “s” refers to the support layer edge contacted with active 
60 
 
layer. The relationship between the osmotic pressures at the bulk and membrane 
interfaces that represent the external concentration polarization (ECP) in the case of AL-
DS can be expressed as follows [1, 32, 34, 40]: 
)exp(
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1FO
FO
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 for dilutive ECP (II. 4) 
)exp(
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smFS,
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w
k
J
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

  for concentrative ECP  (II. 5) 
where πDS,b and πFS,b are the osmotic pressures of DS and FS in the bulk solution, 
respectively; kFO1 and kFO2 are mass transfer coefficients of salt at the outer and the 
inner side of the HF membrane. In the AL-DS mode, the ECP effect at inner side of the 
HF membrane is ignored in my calculations because deionized water is used as the FS 
and the inner side flow rate is sufficient for flashing of concentrated FS. Herein, I 
theoretically predict the experimental FO flux from Eqs (II-1) and (II-4) in the AL-DS 
mode. 
61 
 
 
 
 
 
 
In contrast, in the AL-FS mode, JwFO can be calculated from Eq. (II-2); I assumed that 
the concentrations of DS and FS are constant. However, in the case of small hollow fiber 
membranes, DS dilution at the lumen side of the hollow fiber membrane should be 
considered owing to the lower DS volumetric flow rate. The total permeate (QJw) and 
average FO flux (JwFOaverage) are expressed as follows [41]: 
 NdLDJQ out
FO
wJw   (II-6) 
NLD
Q
J
out
Jw
average
FO
w


 (II-7) 
Figure II-1. Concentration profiles of DS and internal concentration polarization (ICP) 
in the support layer in AL-DS and AL-FS modes. CDS and CFS denote salt 
concentrations in DS and FS. The subscripts of “sm” and “am” refer to support layer edge 
and active layer surface, respectively. The subscript of “s” refers to the support layer edge 
contacted with active layer. CDS decreases at the active layer surface in AL-FS mode 
owing to dilutive ICP and increases in AL-DS mode owing to concentrative ICP. 
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where Dout is outer diameter of the hollow fiber membrane; N is the number of hollow 
fibers in the module; and L is the effective length of the membrane. JwFO at local distance 
(ΔL) of the hollow fiber membrane can be calculated from Eq. (II-2). The total permeate 
(QJw) is calculated by the sum of local permeate flux (JwFO), and the measureable 
permeate (JwFOaverage) can be calculated from Eq. (II-7). The integration is carried out by 
dividing each hollow fiber membrane into 100 parts and summing up these parts [41]. 
The local DS salt concentration (CDS) is expressed as follows: 
)()()1( nJwninDSninDS
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where QDS-in(n) and QDS-in(n+1) are respectively the DS inlet flow rates at the divided local 
area of n th and (n+1) th part in the lumen side; QJw(n) is the permeate flow rate at the n 
th part. CDS(n) and CDS(n+1) are the DS concentrations at the divided n th and (n+1) th 
parts, respectively. Thus, the experimental FO flux in the AL-FS mode is theoretically 
determined using Eqs. (II-2) and (II-6)–(II-9). JwFO in the AL-FS mode is lower than that 
in the AL-DS mode owing to the ICP effect. Because the ICP was usually a main 
influencing factor when S was relatively high, the ECP effect on the draw solution at the 
lumen side is ignored in the AL-FS mode.  
The water permeability (A (LMH/bar)) is determined by dividing the pure water flux 
(JwRO) by the applied hydraulic pressure (ΔP) as follows [32, 34]: 
PJA
RO
 w  (II-10) 
and salt permeability (B (LMH)) is calculated as follows [42]: 
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  bpapp CCR  1  (II-13) 
where Jw(salt)RO refers to the water flux when salt solution is used as the feed solution. πb 
and πp denote the mean osmotic pressures of the bulk feed solution and the permeate, 
respectively. Rapp and kRO are the apparent salt rejection and mass transfer coefficient, 
respectively; and Cp and Cb are the salt concentrations of the permeate and bulk solution 
in the RO operation, respectively. 
 
II.3 Experimental 
II.3.1 Hollow fiber membranes 
Three types of HF forward osmosis membrane mini modules were kindly provided by 
TOYOBO Co. Ltd., Japan. Their associated specifications are listed in Table II-1. 
Approximately 700 hollow fiber membranes with diameters of less than 200 μm were 
fixed by epoxy resin at both terminals of the mini module. All three HF membrane 
modules (HF-A, HF-B, and HF-C) had a similar effective membrane module area of 0.12 
m2. The HF membranes were made of CTA and had an outer active layer surface [43].  
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Membrane 
IDa ODb Length Number of fibers Effective membrane 
area of module [m2] [μm] [μm] [cm] [-] 
HF-A 94 180 30 720 0.122 
HF-B 94 180 30 720 0.122 
HF-C 111 182 30 700 0.120 
 
II.3.2 FO performance test 
Figure II-2 shows a schematic diagram of the FO performance evaluation system. The 
evaluation unit consists of DS (NaCl solution), FS (ultrapure water; Millipore, Bedford, 
MA, USA), a cell involving the membrane module, and solution-supplying pumps. A 
high-pressure Hydra-Cell pump (Wanner Engineering, Inc., USA, F20-111-2400/B) and 
a gear pump (AS ONE Co., DSP-100SA) were joined by silicon tubes and metal hoses. 
The FO tests were performed in both the AL-DS and AL-FS modes. The DS inlet flow 
rate (QDS,in) and FS inlet flow rate (QFS,in) were changed from 0.01 to 0.05 L/min in the 
AL-DS mode, and QDS,in was changed from 0.005 to 0.015 L/min in the AL-FS mode to 
investigate the effect of the cross flow velocity (CFV) on the FO membrane performance. 
The DS inlet concentration (CDS,in), DS outlet concentration (CDS,out), FS inlet 
concentration (CFS,in), and FS outlet concentration (CFS,out) were obtained from real-time 
measurements of ionic conductivity using an ionic conductivity meter (SUNTEX Co., 
EC430) connected to a personal computer. The applied pressure and the inlet CFV of the 
DS and FS streams were controlled by tuning a needle valve at the DS outlet and the 
frequency of the gear pump at the FS inlet, respectively. The water flux (JwFO) and 
reverse salt flux (JsRO) were obtained by reducing the FS volume and increasing the 
Table II-1. Specifications of the hollow fiber (HF) membranes and membrane modules 
  
aID: Inner diameter; bOD: Outer diameter.  
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solute concentration. Most measurements were performed at 298 ± 0.5K. Prior to all 
experiments, both of DS and FS were stored in the water bath at 298K for at least 1 h. 
The temperature of the FS was controlled by immersion in a water bath. The DS 
temperature was monitored by a thermometer and confirmed to be 298 ± 0.5 K. In the 
experiments for temperature effect, temperatures were changed at 288 and 308K. Two 
commercial flat sheet CTA membranes (CTA-ES and CTA-NW; Hydration Technology 
Innovations Inc.) were also tested in FO mode using the flat sheet membrane test system 
[44] for comparison.  
 
 
 
II.3.3 RO performance test 
The water permeability (A) and salt permeability (B) were measured by pressure-
driven tests using the system shown in Figure II-2 as described by A. Achilli et al. [7]. 
The inlet flow in the low-pressure region of the HF membrane was zero. The flow rate of 
the high-pressure region was kept at a constant value of 0.40 L/min during the test. To 
obtain A, deionized water was used as the feed solution of the high-pressure region (Δπ 
= 0) and the applied pressure was 1.5 MPa. 
Figure II-2. Schematic diagram of the FO performance evaluation system 
for the hollow fiber membranes. 
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Salt rejection of the HF membranes was also measured in RO mode to determine B. 
The concentration of the FS (NaCl solution) was 1500 ppm. Two commercial flat sheet 
CTA membranes were tested in RO mode for comparison. An applied hydraulic pressure 
of 1.5 MPa and a feed flow rate of 0.40 L/min were used. 
 
II.4 Results and discussion 
II.4.1 Water and salt permeability in RO test 
The water fluxes of the three HF membranes in RO test as a function of applied 
hydraulic pressure are shown in Figure II-3. The water flux increased linearly with 
increasing applied hydraulic pressure. As shown in Eq. (II-10), the water permeability 
(A) values can be calculated by the slopes of the linear lines in Figure II-3, and were 
0.266, 0.291, and 0.545 LMH/bar for HF-A, HF-B, and HF-C, respectively. By contrast, 
A values of commercial CTA-NW and CTA-ES membranes were 0.468 and 0.673, 
respectively.  
 
 
 
 
 
 
 
 
 
 
Figure II-3. Variations in the water flux in RO mode (JwRO) of the HF 
membranes as a function of applied pressure. Inlet flow rate: 0.4 L/min; 
temperature: 298 K. Deionized water was used as feed solution. 
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The salt permeability (B) was calculated from Jw(salt)RO and Rapp using Eq. (II-11). The A, 
B, and B/A values of the three HF membranes and commercial flat CTA membranes are 
presented in Table II-2. The B values of the HF membranes were comparable to each 
other and much lower than that of commercial CTA-ES membrane. 
 
Membrane 
Water permeability 
coefficient (A) 
Salt permeability 
coefficient (B) 
B/A 
[bar] 
Structural 
parameter (S) 
[LMH/bar] [LMH]  [μm] 
HF-A 0.266 0.08 0.30 1024 
HF-B 0.291 0.02 0.069 724 
HF-C 0.545 0.04 0.073 639 
HTI-1a 0.468 0.40 0.85 500b 
HTI-2a 0.673 0.10 0.14 1180b 
 
 
II.4.2 Calculation of the structural parameter 
The structural parameter can be theoretically expressed by Eq. (II-3) provided the 
structure of the porous support membrane is symmetric and uniform. To achieve high 
FO performance, thin support membranes with high porosity and low tortuosity are of 
utmost importance [10]. However, it is usually difficult to directly measure the tortuosity 
and porosity of the actual membranes because of their complex structures [36]. Hence, 
the structural parameter of the three HF membranes was calculated by fitting the 
experimental data with the theoretical calculations obtained in the AL-FS mode. Figure 
II-4 shows the experimental data of the variations in the water flux as a function of DS 
Table II-2. Characteristics of several FO membranes 
  
aHTI-1: Commercial CTA-ES membrane; HTI-2: Commercial CTA-NW membrane. 
bData were obtained from reference [44]. 
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concentration for the AL-FS operating mode. The theoretical fitting lines, as obtained 
from Eq. (II-7), were also included. As observed, the experimental data agreed well with 
the theoretical results based on the intrinsic membrane characteristics (A and B). The 
structural parameters of the HF membranes (HF-A, HF-B, and HF-C) were 1024, 724, 
and 639 μm, respectively. HF-A displayed the highest S value, indicating that HF-A was 
the least porous and possessed a support layer with the highest level of tortuosity though 
the thickness of all three HF membranes was comparable. In contrast, HF-C featured a 
support layer with the highest level of porosity and the lowest degree of tortuosity. An 
ideal S value of <500 μm was suggested [45]. However, when A and B values were 
changed, the S required for high FO performance was also changed. For example, if A 
value is 0.3 LMH/bar, improvement of the S value is not so effective for high FO 
performance. On the other hand, if A-value is 4.0 LMH/bar, the dependence of S-value 
on the performance is large. In my previous theoretical calculation, the level of 
dependency of S on FO performance decreased at A values less than 0.5 LMH/bar [62]. 
Therefore, considering the low A values of HF-A, -B, and -C membranes, the 
corresponding S values of 639–1024 μm can be regarded as sufficiently small for 
achieving high osmotically driven performance. The S values of the present membranes 
and commercial flat sheet membranes are listed in Table II-2.  
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II.4.3 FO performance of the HF membranes in AL-FS mode 
II.4.3.1 Effect of DS inlet flow rate on water flux 
Figure II-5 shows profiles of the water flux as a function of DS inlet flow rate (QDS,in) 
of the HF membranes. The water flux JwFO of all HF membranes slightly increased with 
increasing QDS,in values because of the decreasing DS dilution effect caused by water 
permeation with increasing QDS,in values, thereby maintaining a high osmotic driving 
force. Comparison among all three HF membranes revealed that HF-C membrane, with 
the highest water permeability, displayed a more pronounced QDS,in effect because of the 
higher FO flux that resulted in higher dilution. Also, the QDS,in effect was more 
pronounced in the case of high DS concentrations. The theoretically calculated lines are 
also shown in Figure II-5. The QDS,in effect on the FO flux of all three HF membranes 
was successfully evaluated using my analysis method by considering the DS dilution 
effect. As described above, I assumed a negligible ECP (πDS,sm = πDS,b) in  the AL-FS 
orientation. Though the ECP effect was ignored, the calculated results agreed with the 
Figure II-4. Variations in the water flux of the HF membranes as a function of DS 
concentration. DS inlet flow rate (QDS,in): 0.015 L/min; FS inlet flow rate (QFS,in): 0.6 L/min; 
membrane orientation: AL-FS; temperature: 298 K. 
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experimental data. This indicates that the resistance against the osmotic driving force 
is influenced by the dilutive ICP effect (rather than the ECP effect) in the case of 
relatively high S values. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 Figure II-5. Variations in the water flux of the HF membranes as a function of DS inlet flow rate at 
varying DS concentrations. QFS,in: 0.6 L/min; membrane orientation: AL-FS; temperature: 298 K. 
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II.4.3.2 Relationship between JsFO and JwFO 
Figure II-6 shows the relationship between the reverse salt flux JsFO and water flux 
JwFO of the three HF membranes operated in AL-FS mode under different QDS,in 
conditions. A linear relationship was obtained for all membranes. JsFO in the FO system 
operating in the AL-FS mode can be expressed as follows [42, 46, 47]: 
RT
PB
J
effFO
s

 )( 

 (II-14) 
where β is the van’t Hoff coefficient, and R and T are the ideal gas constant and the 
absolute temperature, respectively. Based on Eqs. (II-2) and (II-14), the following 
equation can be obtained: 
RTA
B
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FO
w
FO
s


 (II-15) 
where all the parameters on the right side of Eq. (II-15) are constants. Accordingly, a 
linear relationship between JsFO and JwFO is expected, as confirmed from the linear 
correlations in Figure II-6 that further confirmed that the membrane performance could 
be correctly evaluated. The observed trend in the slopes in Figure II-6 was consistent 
with the trend in the B/A ratios of the membranes listed in Table II-2. 
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II.4.4 FO performance of the HF membranes in AL-DS mode 
II.4.4.1 Effect of FS inlet flow rate on water flux 
Figure II-7 exemplifies a profile of water flux as a function of FS inlet flow rate (QFS,in). 
In the AL-DS mode, the water flux increased with increasing QFS,in values and then 
became nearly constant with further increases in QFS,in. When the QFS,in was less than 
0.02 L/min, all QFS,in were permeated to the DS side because of high membrane module 
area and increase of QFS,in brought about the increase of JwFO. On the other hand, the 
constant flux was observed when the QFS,in was more than 0.02 L/min. The constant flux 
indicates that the ECP effect can be neglected under this condition, and πFS,sm and πFS,b 
can be regarded as equivalent. Hereafter, the FO fluxes in AL-DS mode were measured 
at QFS,in values above 0.02 L/min to generate that Jw is a constant. 
 
Figure II-6. Variations in the reverse salt flux of the HF membranes as a function 
of water flux. QDS,in: 0.005 and 0.010 L/min; QFS,in: 0.6 L/min; DS: 0.3–1.0 M NaCl; 
membrane orientation: AL-FS; temperature: 298 K.  
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II.4.4.2 Effect of DS concentration on water flux 
Figure II-8 shows profiles of the water flux as a function of DS concentration of the HF 
membranes. The water flux increased with increasing DS concentrations owing to the 
increase in the FO driving force i.e., the osmotic pressure difference. However, the 
increase in the water flux as a function of DS concentration was non-linear and the 
extent of increase in the water flux decreased at the higher DS concentrations owing to 
the enhanced ECP effect caused by the higher permeated water.  HF-C membrane 
showed the highest JwFO because of its high A value and low S value as shown in Table 
2. In contrast, HF-A and B membranes, which featured similar membrane 
characteristics (A, B, and S; Table II-2), displayed comparable water fluxes. For the 
theoretical fits in Figure II-8, the mass transfer coefficient kFO1 in Eq. (II-4) that depends 
on the vessel structure and QDS,in was set as 0.65 × 10–5 LMH based on the best fit with 
Figure II-7. Variations in the water flux of HF-C as a function of FS inlet flow rate. QDS,in: 
0.6 L/min; DS: 0.6 M NaCl; membrane orientation: AL-DS; temperature: 298 K.  
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the experimental data. The ECP effect at the outer side of the membrane only was 
considered in this calculation because deionized water was used as FS. The calculated 
results also agreed well with the experimental data for all three HP membranes even 
when the same kFO1 was used. 
 
 
 
 
 
 
 
 
 
 
II.4.4.3 Effect of operating temperature on FO performance 
I investigated the temperature dependence of FO performance to assess the potential 
use of the membranes at different temperatures. The temperature dependence of JwFO of 
HF-A membrane as a function of DS concentration is shown in Figure II-9. As expected, 
JwFO measured at 308 K was more than 1.7 times higher than that measured at 288 K 
owing to the higher osmotic pressure, salt diffusion coefficient, and lower water viscosity. 
To quantitatively assess the temperature dependence, the osmotic pressure and diffusion 
coefficient of salt in Eq. (II-1) were calculated at different temperatures. The osmotic 
pressure (π) can be expressed by the van’t Hoff equation (π = nRT), whereby π increases 
proportionally to T. The diffusion coefficient of salt depends on T as described by the 
Figure II-8. Variations in the water flux of the HF membranes as a function of DS 
concentration. QFS,in: 0.03 (HF-A) and 0.04 L/min (HF-B, HF-C); QDS,in: 0.6 L/min; 
membrane orientation: AL-DS; temperature: 298 K.  
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Nernst–Haskell equation as follows [48-50]: 
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where D0 is the salt diffusion coefficient in water at infinite dilution; R, T, and F are the 
gas constant, absolute temperature, and Faraday’s constant, respectively; z+ and z− are 
the charge numbers of cation and anion molecules, respectively; λ+0 and λ−0 are the 
infinite dilution conductances of the cation and anion molecules, respectively; and ηw is 
the viscosity of water. λ+0 and λ−0 values of 50.1 and 76.3 A/(cm2)(V/cm) were used to 
calculate D0 of NaCl at 298 K [50]. λ+0 and λ−0 values at 288 and 308 K were calculated 
using Eq. (II-17). The number 334 in Eq. (II-17) corresponds to the calculated ηw/T value 
at 298 K. The viscosity values of water at 283 and 308 K are 1.138 and 0.719 cP, 
respectively [51]. The calculated D0 values using the Nernst–Haskell equation were 4.23 
× 10−6, 5.79 × 10−6, and 7.66 × 10−6 m2/h at 288, 298, and 308 K, respectively. Furthermore, 
the diffusion coefficient DNaCl depends on the salt concentration. For example, DNaCl at 
298 K varied from 5.30 × 10−6 to 5.77 × 10−6 m2/h when the concentration of NaCl changed 
from 0.0001 to 5.4 M [52]. Because the salt effect on DNaCl was not considerably high, D0 
was used as DNaCl. Additionally, the temperature dependence of A must be considered to 
fully understand the FO performance at different temperatures; A is known to increase 
with increasing temperatures [47]. A can be expressed theoretically as follows [53]:  
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where Dw is the average water diffusion coefficient in the film; Kw is the water partition 
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coefficient defined as the ratio of the water concentration in the membrane (
m
FWC , ) to that 
in the continuous solution (CW, F); Mw is the molecular weight of water; and Ls is the 
thickness of the selective layer. To my knowledge, the temperature dependences of Dw 
and Kw have not been fully clarified. Thus, the A values at 288 and 308 K were 
determined as 0.20 and 0.33 LMH/bar, respectively, based on the best fit of the 
experimental data shown in Figure II-9. The temperature dependence of FO flux could 
then be accordingly established after all parameters were determined. The contribution 
of the osmotic pressure, diffusion coefficient of salt, and A value to Jw enhancement with 
increasing temperatures from 288 to 308 K was 3, 26, and 71%, respectively. This result 
shows that A mostly influenced increases in Jw toward FO performance. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure II-9. Variations in the water flux of HF-A as a function of DS concentration at 
varying temperatures. QFS,in: 0.02 (288 K) and 0.03 L/min (298 K, 308 K); QDS,in: 0.6 
L/min; membrane orientation: AL-DS. 
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II.4.5 Comparison of the JwFO/JsFO ratios of the HF membranes with those of other FO 
membranes 
The JwFO/JsFO ratio of FO membranes is generally considered as an important index 
parameter; as deduced from Eq. (II-15), JwFO/JsFO is constant regardless of the operating 
conditions i.e., variations in the DS concentration, membrane area, or membrane 
orientation [42, 48]. To achieve high production of pure water without salt leakage, the 
JwFO/JsFO ratio of the FO membrane must be as high as possible. Comparison of the 
JwFO/JsFO ratios of the HF membranes with those of other FO membranes operated in the 
AL-FS mode is shown in Figure II-10. As observed, HF-B and HF-C membranes featured 
JwFO/JsFO ratios above 800 L/mol that were considerably higher than those of commercial 
and other reported FO membranes [12, 22, 54-58]. The excellent characteristics of the 
HF membranes studied in this work are promising for large-scale module application. 
 
 
 
 
 
Figure II-10. JwFO/JsFO selectivity for various membranes. Membrane orientation: AL-FS.  
*HTI-1: Commercial CTA-ES membrane; HTI-2: Commercial CTA-NW membrane. 
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II.5 Conclusions 
In this study, the FO performance of three types of CTA HF membranes with diameters 
of less than 200 μm was investigated under different operating conditions i.e., varying 
DS concentrations, DS and FS inlet flow rates, membrane orientations, and 
temperatures. In the ALFS mode, the water fluxes increased slightly with increasing DS 
inlet flow rates owing to the decreased DS dilution effect caused by water permeation. 
This DS flowrate effectwasmore pronounced in the membranes with higher water 
permeability, and at higher DS concentrations.The effect of DS concentration and 
temperature on thewater flux in ALDS mode was also studied in detail. The water flux-
to-reverse salt flux ratios, JwFO/JsFO, obtained in this work were compared with those of 
commercial FO membranes and other reported FO membranes. The JwFO/JsFO ratios of 
the HF membranes were much higher than those of other membranes, indicating the 
excellent performance of the HFmembranes used in this work. The experimental data 
were analyzed by theoretical calculations. More particularly, I considered the DS dilution 
effect in AL-FS mode. The calculated results satisfactorily agreed with the experimental 
data. 
 
 
 
 
 
 
 
 
79 
 
References 
1) J.R. McCutcheon, R.L. McGinnis, M. Elimelech, Desalination by ammonia–carbon 
dioxide forward osmosis: influence of draw and feed solution concentrations on 
process performance, J. Membr. Sci. 278 (2006) 114–123. 
2) S. Phuntsho, S. Vigneswaran, J. Kandasamy, S. Hong, S. Lee, H.K. Shon, Influence 
of temperature and temperature difference in the performance of forward osmosis 
desalination process, J. Membr. Sci. 415–416 (2012) 734–744. 
3) M. Sairam, E. Sereewatthanawut, K. Li, A. Bismarck, A.G. Livingston, Method for 
the preparation of cellulose acetate flat sheet composite membranes for forward 
osmosis—desalination using MgSO4 draw solution, Desalination 273 (2011) 299–307. 
4) K.L. Hickenbottom, N.T. Hancock, N.R. Hutchings, E.W. Appleton, E.G. Beaudry, P. 
Xu, T.Y. Cath, Forward osmosis treatment of drilling mud and fracturing 
wastewater from oil and gas operations, Desalination 312 (2013) 60–66. 
5) X. Zhang, Z. Ning, D.K. Wang, J.C. Diniz da Costa, A novel ethanol dehydration 
process by forward osmosis, Chem. Eng. J. 232 (2013) 397–404. 
6) M.M. Ling, T.-S. Chung, Novel dual-stage FO system for sustainable protein 
enrichment using nanoparticles as intermediate draw solutes, J. Membr. Sci. 372 
(2011) 201–209. 
7) A. Achilli, T.Y. Cath, A.E. Childress, Power generation with pressure retarded 
osmosis: an experimental and theoretical investigation, J. Membr. Sci. 343 (2009) 
42–52. 
8) N.Y. Yip, A. Tiraferri, W.A. Phillip, J.D. Schiffman, M. Elimelech, High performance 
thin-film composite forward osmosis membrane, Environ. Sci. Technol. 44 (2010) 
3812–3818. 
80 
 
9) A. Tiraferri, N.Y. Yip,W.A. Phillip, J.D. Schiffman, M. Elimelech, Relating 
performance of thin-film composite forward osmosis membranes to support layer 
formation and structure, J. Membr. Sci. 367 (2011) 340–352. 
10) N.Y. Yip, A. Tiraferri, W.A. Phillip, J.D. Schiffman, L.A. Hoover, Y.C. Kim, M. 
Elimelech, Thin-film composite pressure retarded osmosis membranes for 
sustainable power generation from salinity gradients, Environ. Sci. Technol. 45 
(2011) 4360–4369. 
11) N. Ma, J. Wei, R. Liao, C.Y. Tang, Zeolite –polyamide thin film nanocomposite 
membranes: towards enhanced performance for forward osmosis, J. Membr. Sci. 
405–406 (2012) 149–157. 
12) K.Y. Wang, T.S. Chung, G. Amy, Developing thin-film-composite forward osmosis 
membranes on the PES/SPSf substrate through interfacial polymerization, AICHE 
J. 58 (2012) 770–781. 
13) N. Widjojo, T.S. Chung, M. Weber, C. Maletzko, V. Warzelhan, The role of 
sulphonated polymer and macrovoid-free structure in the support layer for thin-film 
composite (TFC) forward osmosis (FO) membranes, J. Membr. Sci. 383 (2011) 214–
223. 
14) X. Song, Z. Liu, D.D. Sun, Nano gives the answer: breaking the bottleneck of internal 
concentration polarization with a nanofiber composite forward osmosis membrane 
for a high water production rate, Adv. Mater. 23 (2011) 3256–3260. 
15) X. Li, K.Y. Wang, B.Helmer, T.S. Chung, Thin-film compositemembranes and 
formation mechanism of thin-film layers on hydrophilic cellulose acetate propionate 
substrates for forward osmosis processes, Ind. Eng. Chem. Res. 51 (2012) 10039–
10050. 
81 
 
16) C. Qiu, S. Qi, C.Y. Tang, Synthesis of high flux forward osmosis membranes by 
chemically crosslinked layer-by-layer polyelectrolytes, J. Membr. Sci. 381 (2011) 74–
80. 
17) S. Qi, C.Q. Qiu, Y. Zhao, C.Y. Tang, Double-skinned forward osmosis membranes 
based on layer-by-layer assembly-FO performance and fouling behavior, J. Membr. 
Sci. 405–406 (2012) 20–29. 
18) S. Chou, R. Wang, L. Shi, Q. She, C.Y. Tang, A.G. Fane, Thin-film composite hollow 
fiber membranes for pressure retarded osmosis (PRO) process with high power 
density, J. Membr. Sci. 389 (2012) 25–33. 
19) W. Fang, R. Wang, S. Chou, L. Setiawan, A.G. Fane, Composite forward osmosis 
hollow fiber membranes: integration of RO- and NF-like selective layers to enhance 
membrane properties of anti-scaling and anti-internal concentration polarization, J. 
Membr. Sci. 394–395 (2012) 140–150. 
20) J. Su, T.S. Chung, Sublayer structure and reflection coefficient and their effects on 
concentration polarization and membrane performance in FO processes, J. Membr. 
Sci. 376 (2011) 214–224. 
21) R. Wang, L. Shi, C.Y. Tang, S. Chou, C. Qiu, A.G. Fane, Characterization of novel 
forward osmosis hollow fiber membranes, J. Membr. Sci. 355 (2010) 158–167. 
22) P. Sukitpaneenit, T.S. Chung, High performance thin-film composite forward 
osmosis hollow fiber membranes with macrovoid-free and highly porous structure 
for sustainable water production, Environ. Sci. Technol. 46 (2012) 7358–7365. 
23) S.R. Chou, L. Shi, R. Wang, C.Y. Tang, C. Qiu, A.G. Fane, Characteristics and 
potential applications of a novel forward osmosis hollow fiber membrane, 
Desalination 261 (2010) 365–372. 
82 
 
24) L. Setiawan, R.Wang, K. Li, A.G. Fane, Fabrication of novel poly(amideimide) 
forward osmosis hollow fibermembranes with a positively charged nanofiltration-
like selective layer, J. Membr. Sci. 369 (2011) 196–205. 
25) S. Chang, A.G. Fane, S. Vigneswaran, Modeling and optimizing submerged hollow 
fiber membrane modules, AICHE J. 48 (2002) 2203–2212. 
26) S.H. Yoon, H.S. Kim, I.T. Yeom, Optimizationmodel of submerged hollow 
fibermembrane modules, J. Membr. Sci. 234 (2004) 147–156. 
27) W.N. Gill, B. Bansal, Hollow fiber reverse-osmosis systems: analysis and design, 
AICHE J. 19 (1973) 823–831. 
28) D.Xiao, W. Li, S. Chou, R. Wang, C.Y. Tang, A modeling investigation on optimizing 
the design of forward osmosis hollow fibermodules, J.Membr. Sci. 392–393 (2012) 
76–87. 
29) Y.C. Kim, S.-J. Park, Experimental study of a 4040 spiral-wound forward-osmosis 
membrane module, Environ. Sci. Technol. 45 (2011) 7737–7745. 
30) Y. Kim, J.H. Lee, Y.C. Kim, K.H. Lee, I.S. Park, S.J. Park, Operation and simulation 
of pilot-scale forward osmosis desalination with ammonium bicarbonate, Chem. Eng. 
Res. Des. 94 (2015) 390-395. 
31) TOYOBO Co. Ltd., private communication. 
32) J.R. McCutcheon, M. Elimelech, Modeling water flux in forward osmosis: 
implications for improved membrane design, AICHE J. 53 (2007) 1736–1744. 
33) M. Reali, G. Dassie, G. Jonsson, Computation of salt concentration profiles in the 
porous substrate of anisotropic membranes under steady pressure-retarded osmosis 
conditions, J. Membr. Sci. 48 (1990) 181–201.  
34) J.R. McCutcheon, M. Elimelech, Influence of concentrative and dilutive internal 
83 
 
concentration polarization on flux behavior in forward osmosis, J. Membr. Sci. 284 
(2006) 237–247. 
35) C.H. Tan, H.Y. Ng, Modified models to predict flux behavior in forward osmosis in 
consideration of external and internal concentration polarizations, J. Membr. Sci. 
324 (2008) 209–219. 
36) M. Park, J.J. Lee, S. Lee, J.H. Kim, Determination of a constant membrane 
structure parameter in forward osmosis processes, J. Membr. Sci. 375 (2011) 241–
248. 
37) C.Y. Tang, Q. She, W.C.L. Lay, R. Wang, R. Field, A.G. Fane, Modeling double-
skinned FO membranes, Desalination 283 (2011) 178–186. 
38) N.T. Hancock, P. Xu, D.M. Heil, C. Bellona, T.Y. Cath, Comprehensive bench-and 
pilotscale investigation of trace organic compounds rejection by forward osmosis, 
Environ. Sci. Technol. 45 (2011) 8483–8490. 
39) C.Y. Tang, Q. She,W.C.L. Lay, R.Wang, A.G. Fane, Coupled effects of internal 
concentration polarization and fouling on flux behavior of forward osmosis 
membranes during humic acid filtration, J. Membr. Sci. 354 (2010) 123–133. 
40) J.R. McCutcheon, M. Elimelech, Influence of membrane support layer 
hydrophobicity on water flux in osmotically driven membrane processes, J. Membr. 
Sci. 318 (2008) 458–466. 
41) M. Yasukawa, M. Higa, H. Matsuyama, Development of analysismethod for forward 
osmosis hollow fiber membrane performance, Bull. Soc. Sea Water Sci. Jpn. 68 
(2014) 94–101. 
42) Q. She, X. Jin, C.Y. Tang, Osmotic power production from salinity gradient resource 
by pressure retarded osmosis: effects of operating conditions and reverse solute 
84 
 
diffusion, J. Membr. Sci. 401–402 (2012) 262–273. 
43) Y. Itoh, S. Tokimi, T. Yagi, M. Ono, A. Kumano, Development of high performance 
CTA hollow-fiber RO module for wastewater reclamation, IDAWC/PER11-103, Perth, 
Western Australia September 4–9 (2011). 
44) G. Blandin, A.R.D. Verliefde, C.Y. Tang, P.L. Clech, Opportunities to reach economic 
sustainability in forward osmosis–reverse osmosis hybrids for seawater desalination, 
Desalination 363 (2015) 26-36. 
45) T. Thorsen, T. Holt, The potential for power production from salinity gradients by 
pressure retarded osmosis, J. Membr. Sci. 335 (2009) 103–110. 
46) W.A. Phillip, J.S. Yong, M. Elimelech, Reverse draw solute permeation in forward 
osmosis: modeling and experiments, Environ. Sci. Technol. 44 (2010) 5170–5176. 
47) J.S. Yong, W.A. Phillip, M. Elimelech, Coupled reverse draw solute permeation and 
water flux in forward osmosis with neutral draw solutes, J. Membr. Sci. 392–393 
(2012) 9–17. 
48) R.A. Robinson, R.H. Stokes, Electrolyte Solution, Butterworths, London (1965). 
49) S. Ooe, Busseisuisanhou, (2011) ISBN 978-4-902209-02-0. 
50) H.S. Harned, B.B. Owen, Physical chemistry of electrolytic solutions, ACS 
Monograph, 951950. 
51) J. Kestin, M. Sokolov,W.A.Wakeham, Viscosity of liquid water in the range−8 °C to 
150 °C, J. Phys. Chem. Ref. Data 7 (1978) 941–948. 
52) V.M.M. Lobo, Mutual diffusion coefficients in aqueous electrolyte solutions 
(technical report), Pure Appl. Chem. 65 (1993) 2613–2640. 
53) G.M. Geise, H.B. Park, A.C. Sagle, B.D. Freeman, J.E.McGrath,Water permeability 
and water/salt selectivity tradeoff in polymers for desalination, J.Membr. Sci. 369 
85 
 
(2011) 130–138. 
54) M. Tian, C. Qiu, Y. Liao, S. Chou, R.Wang, Preparation of polyamide thin film 
composite forward osmosis membranes using electrospun polyvinylidene fluoride 
(PVDF) nanofibers as substrates, Sep. Purif. Technol. 118 (2013) 727–736. 
55) N. Widjojo, T.S. Chung, M. Weber, C. Maletzko, V. Warzelhan, A sulfonated 
polyphenylenesulfone (sPPSU) as the supporting substrate in thin film composite 
(TFC) membranes with enhanced performance for forward osmosis (FO), Chem. Eng. 
J. 220 (2013) 15–23. 
56) L. Shi, S.R. Chou, R. Wang, W.X. Fang, C.Y. Tang, A.G. Fane, Effect of substrate 
structure on the performance of thin-film composite forward osmosis hollow 
fibermembranes, J. Membr. Sci. 382 (2011) 116–123. 
57) C. Klaysom, Polyamide/polyacrylonitrile (PA/PAN) thin film composite osmosis 
membranes: film optimization, characterization and performance evaluation, J. 
Membr. Sci. 445 (2013) 25–33. 
58) J. Wei, C. Qiu, C.Y. Tang, R. Wang, A.G. Fane, Synthesis and characterization of 
flat-sheet thin film composite forward osmosis membranes, J. Membr. Sci. 372 (2011) 
292–302. 
 
 
 
 
 
 
 
 
 
 
 
86 
 
  
87 
 
Chapter III 
Effects of operating conditions and membrane structures 
on the performance of hollow fiber forward osmosis 
membranes in pressure assisted osmosis 
 
III.1 Introduction 
The pressure drop of the membranes was one of the severe problems to increase the 
pumping energy and influence for the water flux. In particular, hollow fiber membranes 
was more severe than flat-sheet membrane on the pressure drop. I focused on the 
pressure assisted osmosis (PAO) process to investigate the pressure drop on the HF 
membranes. PAO process in which pressure is applied to the FS to enhance the water 
flux was suggested by Blandin et al. [1]. As shown in Figure III-1, the applied hydraulic 
pressure can work as an additional driving force to the osmotic pressure. This process 
was similar to present the pressure drop situation at the HF membranes. 
Some researchers have investigated the effects of applied hydraulic pressure and other 
operating conditions on PAO performance in the process using commercially available 
FO membranes [1-4]. Blandin et al. reported the total cost of PAO/RO indirect hybrid 
system was lower that FO/RO indirect hybrid system [5, 6]. Flat-sheet type FO 
membranes were used in these studies. In the PAO process using flat-sheet FO 
membranes, spacers are usually necessary to support the FO membrane against applied 
hydraulic pressure. However, it has been reported that applied pressure could cause 
spacers to press on the FO membrane and subsequently a water flux decrease was 
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observed due to the “shadow effect” [2, 7]. 
In this study, I investigated the PAO process by using hollow fiber (HF) FO membranes. 
To the best of my knowledge, there has been no report that has investigated the PAO 
performance using HF membranes. The advantages of using HF membranes are higher 
packing density and larger specific surface area in the membrane module, in addition to 
no need of spacers. The effects of operating conditions, such as the applied pressure, the 
salt concentration of the DS, as well as the inlet flow rates of the DS, on membrane 
performance were investigated. Furthermore, the experimentally obtained membrane 
performances were compared with the theoretically obtained values. I proposed the 
prediction model including the effect of pressure drop on the water flux.  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure III-1. Principle of pressure assisted osmosis (PAO) 
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III.2 Theory 
III.2.1 FO process 
The osmotically driven membrane performance generally depends on membrane 
orientation because asymmetric membranes are usually used. The opposite diffusions of 
the permeate water and leaked salt result in an internal concentration polarization (ICP) 
in the porous support layer [8-15]. When the active layer is facing the DS (AL-DS), the 
solute concentration at the interface between the active layer and support layer becomes 
higher than the bulk feed concentration because of the accumulation of the leaked salt 
(concentrative ICP). In contrast, when the active layer is facing the FS (AL-FS), the 
solute concentration at the interface becomes lower owing to the dilution of DS by 
permeated water (dilutive ICP). In both cases, the available osmotic driving force 
becomes smaller than that based on the apparent concentration difference between the 
bulk DS and FS. The permeate FO flux (JwFO) in the AL-FS operation used in this work 
can be expressed by using the classical solution diffusion theory with the ICP in the 
support layer as follows [8-15]: 
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where πDS,b and πFS,b are the osmotic pressures of the bulk DS and FS, respectively; A 
and k are the water permeability and mass transfer coefficient of salt, respectively; and 
D is the bulk solution diffusivity of DS. K is the mass transfer resistance, which is related 
to S, the support layer characteristics of the structural parameters, expressed in Eq. (III-
3) using thickness (t), tortuosity (τ), and porosity (ε) of the support membrane. 
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III.2.2 PAO process 
In the PAO process, the water flux is theoretically calculated by the sum of JwFO and 
JwHP, which is attributed to applied hydraulic pressure as follows: 
HP
w
FO
w
PAO
w JJJ   (III-4) 
)( PAJ
HP
w   (III-5) 
When DI water is used as FS, the osmotic pressure of FS, πFS,b, is almost zero. In 
addition, I can assume that the external concentration polarization (ECP) effect at the 
FS side is negligible because πFS,b is almost zero. Thus, the water flux of PAO can be 
expressed as follows [2]; 
))exp(( , KJPAJ
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w    (III-6) 
As expressed in this equation, JwPAO increases with increasing applied pressure (P) 
and osmotic pressure (πDS,b). The membrane characteristics included in K also influence 
membrane performance in the PAO operation. 
 
III.3 Experimental 
III.3.1 Hollow fiber membrane 
Three types of cellulose triacetate FO hollow fiber (CTA-HF) membrane mini-modules, 
having different membrane characteristics, were used. These were kindly provided by 
TOYOBO Co. Ltd., Japan. These mini-modules consisted of approximately 700 CTA-HF 
membranes, whose radii were less than 200 μm, and the effective membrane area was 
0.12 m2. The CTA-HF membranes have an outer active layer [16]. These membranes 
were operated with the draw solution on the lumen side in PAO operation and the 
pressure was applied from outside to inside because these membranes had outer active 
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layer. More detailed information of these CTA-HF membranes was described in my 
previous paper [17]. The intrinsic membrane characteristics, such as water permeability 
(A-value), solute permeability (B-value), and structural parameter (S-value) of the three 
types of CTA-HF membranes (CTA-HF-A, CTA-HF-B, and CTA-HF-C) are summarized 
in Table 1. These intrinsic parameters were measured by RO and FO tests previously 
[17]. 
 
 
III.3.2 Measurement of PAO performance 
Figure III-2 shows a schematic diagram of a PAO evaluation system. A NaCl solution 
as the high salinity solution (DS) and pure water as the low salinity feed solution (FS: 
mainly ultrapure water; Millipore, Bedford, MA, USA) were introduced to a custom-
made metallic cell, in which the CTA-HF membrane was connected. The solutions were 
then recirculated by a gear pump (AS ONE Co., DSP-100SA) and a high pressure pump 
(Wanner Engineering, Inc., USA, F20-111-2400/B) for DS and FS, respectively.  
In the case using a high salinity feed solution, NaCl solution was used as FS. And FS 
concentration (CFS) were varied from 0.1 M to 0.6 M. DS and FS were supplied to the 
lumen and shell sides of the HF membrane. The DS concentrations (CDS) were varied 
Membrane 
Water permeability 
coefficient (A) 
[LMH/bar] 
Salt permeability 
coefficient (B) 
[LMH] 
Structural 
parameter (S) 
[μm] 
HF-A 0.266 0.08 1024 
HF-B 0.291 0.02 724 
HF-C 0.545 0.04 639 
Table III-1 Characteristics of HF membranes used 
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from 0.3 M to 0.9 M. A hydraulic pressure difference (P), which is the difference of FS 
inlet pressure (PFS,in) and DS outlet pressure (PDS,out), was applied from the outer side to 
the lumen side of the CTA-HF membrane to assist the FO flux. The PDS,out and PFS,in were 
measured by pressure gauges (NAGANO KEIKI Co., Ltd., KH15-883,). The PAO (ΔP > 
0) and FO (ΔP = 0) fluxes (JwPAO and JwFO) and the reverse salt fluxes (JsPAO) were 
evaluated by measuring a volumetric change of DS for Jw and a concentration change of 
FS for Js using an electric balance and an ionic conductivity meter (SUNTEX Co., EC430) 
connected to a personal computer. To investigate the effect of ECP at the DS side on the 
PAO performance, the DS inlet flow rate (QDS,in) was initially increased from 20 to 40 
mL/min with a constant FS inlet flow rate (QFS,in) of 400 mL/min. Next, I investigated 
the effect of operating conditions, such as DS concentration (CDS), FS concentration (CFS), 
and applied pressure (P), on the PAO performances of three types of CTA-HF membrane 
mini-modules. All experiments were carried out under constant temperature, controlled 
at 25±0.5 oC. 
 
 
 
 
 
 
 
 
 
 
Figure III-2. Schematic diagram of an evaluation system for hollow fiber membranes 
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III.4 Results and discussion 
III.4.1 Water flux in PAO operation 
III.4.1.1 Effect of the DS inlet flow rate (QDS,in) 
Figure III-3 shows water flux in the PAO operation (JwPAO) as a function of applied 
hydraulic pressure (P) under different QDS,in in the CTA-HF-A membrane. When P is 
equal to 0, the water flux corresponds to osmotically driven membrane flux (JwFO). The 
water flux increased with increasing P because the additional applied hydraulic 
pressure could work as a driving force in all different QDS, in conditions. In all P cases, 
JwPAO was hardly influenced by QDS,in. This means that the ECP effect at the DS side can 
be ignored in these QDS,in conditions [17]. Therefore, the following experiments were 
performed using a QDS,in rate of 40 ml/min. The dotted line in this figure is the calculated 
result from Eq. (III-6) using intrinsic membrane parameters, such as the A- and S-value 
of the CTA-HF-A membrane, shown in Table III-1. The ECP effect was ignored in the 
derivation of Eq. (III-6). The calculated result agreed well with the experimental data.  
 
 
 
 
 
 
 
 
 
 
Figure III-3. Relationship between water flux of pressure assisted osmosis (JwPAO) 
and the applied pressure (P) under various inlet DS flow rates (QDS,in). CDS,in: 0.6 
M, QFS,in: 400 ml/min.  
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III. 4.1.2 Effect of membrane characteristics  
Figure III-4 (a), (c), and (e) show water fluxes of the hydraulic pressure (HP) operation 
(JwHP: P ≠ 0, π = 0), the FO operation (JwFO: P = 0, π ≠ 0), and the PAO operation 
(JwPAO: P ≠ 0, π ≠ 0) as a function of P in three types of CTA-HF membranes (CTA-
HF-A, CTA-HF-B, and CTA-HF-C) operated with different DS concentrations. In all of 
the CTA-HF membranes, the permeate flux increased with increasing applied hydraulic 
pressure and DS concentration because both hydraulic pressure and osmotic pressure 
are the driving forces for the water permeation. The CTA-HF-C membrane showed the 
highest JwPAO among the three membranes because it possesses the highest A and lowest 
S values, as shown in Table III-1. In the case of the HP operation, the JwHP increased 
linearly withP. Although the JwPAO increased linearly with P, the slopes were lower 
than those in JwHP. This difference means that the hydraulic pressure effect was 
suppressed in the PAO operation.  
To clarify this slope dependence, I tried to separate JwHP and JwFO from JwPAO. As 
considered by solution diffusion theory, the hydraulic driving force should be 
independent of the osmotic driving force. Thus, the JwFO was estimated by subtracting 
the measured JwHP from JwPAO. The estimated JwFO is plotted in Figure III-4 (b), (d), and 
(f). The results apparently revealed that the JwFO decreased with increasing hydraulic 
pressure. Thus, the lower hydraulic pressure dependence in the PAO operation was 
caused by the decrease of the contribution of osmotic pressure driving force attributed 
by additional hydraulic pressure. In the case of the FO operation, the driving force for 
the water permeation is based on the osmotic pressure difference across the thin active 
layer. However, the surface salt concentrations at the DS side were reduced by the ICP 
effect due to the existence of the porous support layer attached to the active layer in the 
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AL-FS operation. The surface salt concentration decreases with the increase of the water 
flux due to the enhanced applied pressure. Thus, JwFO decreased with the increase of P, 
as shown in Figure III-4 (b), (d), and (f). 
The lines in Figure III-4 show JwPAO, JwFO, and JwHP were individually derived from 
Eqs. (III-1), (III-5), and (III-6) using the membrane characteristics shown in Table III-1. 
In the calculation from Eq. (III-1), πFS,b was assumed to be zero because DI water was 
used as the FS. The enhanced ICP effect caused by the increased water flux can be 
considered in the calculation from Eq. (III-6). All calculated results agreed well with the 
experimental data. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
CTA-HF-A CTA-HF-B CTA-HF-C 
Figure III-4. Relationship between water flux of pressure assisted osmosis (JwPAO) ((a), (c), 
(e)) or water flux of FO (JwFO) ((b), (d), (f)) and the applied pressure difference (P) under 
various DS concentrations. QDS,in:40 ml/min. QFS,in: 400 ml/min. All lines are calculated 
results. 
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III.4.2 Reverse salt flux in the PAO operation 
Figure III-5 shows the reverse salt flux (JsPAO) as a function of P under various DS 
concentrations in the case of the CTA-HF-C membrane. The results apparently revealed 
that Js dramatically decreased with increasing P in all DS concentrations. Thus, the 
advantages of PAO system are not only water flux enhancement but also reverse salt 
flux reduction. In FO systems, one of the serious issues is DS back diffusion. Therefore, 
about this point, the PAO process is the useful process. Theoretically, Js depends on the 
concentration difference across the thin active layer. Therefore, in the FO operation (P 
= 0), salt leakage increased with increasing DS concentration due to a higher 
concentration difference, as shown in Figure III-5. In the case of PAO, the JsPAO decreased 
in all DS concentrations and the difference between Js in the high DS concentration and 
in the low DS concentration decreased with increasing P. The significant reduction of 
Js in the PAO operation is attributable to the decrease of the surface salt concentration 
at the DS side, brought about by an enhanced ICP effect, as described above, which is a 
result of the decrease in JwFO shown in Figure III-4. Both JsFO and JwFO were influenced 
by the salt concentration difference across the membrane.  
The JwFO/JsFO ratio (selectivity) is generally considered an important index parameter 
for FO process performance. The ratio of JwFO/JsFO theoretically becomes constant and 
can be expressed as follows [18, 19]: 
RT
B
A
J
J
FO
FO

  
s
  
w
 (III-7) 
where, β is the van’t Hoff coefficient, and R and T are the ideal gas constant and the 
absolute temperature, respectively. Therefore, the following equation is obtained from 
Eqs. (III-4) and (III-7). 
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 (III-8) 
I assumed that JsFO = JsPAO because driving force of reverse salt flux is effective 
osmotic pressure difference across the membrane. Effective osmotic pressure difference 
was related to the salinity gradient in active layer interface. In PAO operation, reverse 
salt flux was also related to the salinity gradient. Thus, both FO and PAO operations 
show the same salt flux. 
 
 
 
 
 
 
 
 
 
 
Figure III-6 shows JwPAO/JsPAO selectivity as a function of P under various DS 
concentrations. The JwPAO/JsPAO selectivity increased with increasing P. As shown in Eq. 
(III-8), the increase of JwHP and the decrease of JsPAO with the increase of P brought 
about the increase of Jw/Js. For comparison, data of a commercially available FO 
membrane (CTA-ES from Hydration Technology Innovations (HTI)) were also plotted in 
Figure III-6. CTA-HF-C membranes have much higher JwPAO/JsPAO ratios, which, in PAO, 
exceeded 1000 L/mol at an applied pressure of 0.3 MPa. 
Figure III-5. Salt flux (JsPAO) as a function of the applied pressure difference (P) 
under various DS concentrations. QDS,in: 40 ml/min, QFS,in: 400 ml/min. 
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III.4.3 Improvement ratio of water flux 
Figure III-7 shows the improvement ratios of water flux (IR) in the PAO operation as 
a function of DS concentration (CDS) for three HF membranes. Here, IR is defined as the 
water flux ratio of JwPAO and JwFO. From Eqs. (III-1) and (III-6), the IR value is expressed 
as the following equation [2], with the assumption that πFS,b is zero. 
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 (III-9) 
As shown in Figure III-7, the IR values increased with increasing P and decreasing 
DS concentration (πDS,b). These tendencies are in agreement with the expectation from 
Eq. (III-9). All three HF membranes showed similar IR values under the same conditions. 
As shown in Eq. (III-9), IR is a function of JwFO・S. S-values decrease in the order of CTA-
HF-A, CTA-HF-B, CTA-HF-C, as shown in Table III-1. However, JwFO increases in the 
order of CTA-HF-A, CTA-HF-B, CTA-HF-C, as shown in Figure III-4 (b), (d), and (f). 
Therefore, these two tendencies of S and JwFO compensate each other and the JwFO・S 
Figure III-6. JwPAO/JsPAO as a function of the applied pressure difference (P) under 
various DS concentrations. QDS,in: 40 ml/min, QFS,in: 400 ml/min. 
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values are not much different among the three membranes. For this reason, similar IR 
values were obtained for all three membranes. In the case of CTA FO membranes used 
in this work, A-value and S-value have trade-off relationship. If I prepared CTA FO 
membrane having higher A-value, the S-value tend to decrease due to the lower 
membrane thickness. Therefore, the JwFO・S becomes similar value. 
Present commercial FO membranes do not sometimes show enough FO flux. If this 
disadvantage is complemented by increasing membrane area, higher initial cost is 
necessary. PAO operation enables flux enhancement without increasing membrane area. 
However, the PAO operation requires higher operating energy cost than FO operation 
due to the hydraulic pressure application. Therefore, the balance between membrane 
cost and operating energy cost is very important. The higher IR value means decrease of 
the membrane cost. However, to get higher IR, higher hydraulic pressure is necessary, 
which results in the increase of OPEX. As mentioned above, PAO operation is preferable 
when the membrane cost must more decrease than the operating energy cost. On the 
other hand, when using higher salinity DS, PAO operation is not effective because only 
lower IR value is obtained. In this case, too much hydraulic pressure is necessary to 
obtain enough high flux due to the low IR value. Thus, IR value is very important to 
design the plant. 
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III.4.4 Application to high salinity feed solution. 
The PAO operation has a potential use in desalination and wastewater treatment of 
high salinity solutions.Therefore, to estimate the potential use for salinity solutions, I 
investigated the effect of salt concentration of FS on water flux in FO and PAO operations. 
Figure III-8 shows JwFO(CDS = 0.6 M, P = 0 MPa), JwHP(CDS = 0 M, P = 1.0 MPa), and 
JwPAO(CDS = 0.6 M, P = 1.0 MPa) as a function of FS concentration (CFS). Water fluxes, 
JwFO and JwPAO, decreased with increasing CFS due to the decrease in the osmotic pressure 
difference between DS and FS. In the case of the FO operation, JwFO, plotted as open 
circles (○) in Figure III-8, decreased to zero at CFS = 0.6 M NaCl, at which point the FS 
Figure III-7. Improvement ratio (IR) as a function of DS concentration (CDS) for 
three types of membranes. QDS,in: 40 ml/min, QFS,in: 400 ml/min. 
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concentration was equal to that of DS. JwFO in the PAO operation was estimated by 
subtracting JwHP, shown as a dotted line in Figure III-8, from JwPAO and plotted as closed 
circles (●) in Figure III-8. The estimated value of JwFO became negative when FS 
concentration was above 0.3 M.  
Figure III-9 is a schematic diagram of the salt concentration profiles when CFS is 
higher than and is lower than 0.3 M. When CFS is lower than 0.3 M, the salt concentration 
at the membrane surface of the DS side (CDS,in) is lower than the bulk CDS due to the ICP 
effect. However, CDS,m is still higher than the salt concentration at the membrane surface 
of the FS side (CFS, m). On the other hand, when CFS is higher than 0.3 M, severe dilutive 
ICP, due to the enhanced water flux, results in a lower CDS, m than CFS, m. This is brought 
about by the negative osmotic driving force and the negative JwFO. All solid lines in 
Figure III-9 are calculated results for JwPAO and JwFO. For the calculation of JwPAO, the 
following equation was used because πFS, b was not zero. 
))exp(( ,, bFS
FO
wbDS
PAO
w KJPAJ    (III-10) 
In the derivation of Eq. (III-10), the external concentration polarization (ECP) at the FS 
side was ignored. The calculated results are roughly in agreement with the experimental 
data. However, the experimental data are slightly lower than the calculated results. This 
is probably a result of ECP in the FS side due to the high CFS. 
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Figure III-8. Water fluxes (JW) of FO (JwFO), HP (JwHP) and PAO (JwPAO) 
processes as a function of FS concentration (CFS). CDS: 0.6 M, QDS,in: 40 ml/min, 
QFS,in: 400 ml/min. All solid lines are calculated results. 
Figure III-9. Schematic diagram of salt concentration profiles in two cases, 
CFS < 0.3 M and CFS >0.3 M. CFS,m and CDS,m represent the salt concentrations 
at the membrane surface of the FS and the DS side, respectively. 
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III.5 Conclusions 
In this study, the PAO performances of three types of hollow fiber CTA membranes 
were investigated under different operating conditions, which included applied pressure, 
DS concentration, and DS inlet flow rate. The PAO operation can enhance the water flux 
and reduce the reverse salt flux. The improvement ratio of water flux by the PAO 
operation was increased by increasing the applied pressure and decreasing the DS 
concentration, while the improvement ratios were similar for all three membranes used 
in this work. When the PAO operation was applied for FS with a high salinity 
concentration, the contribution of JwFO became negative due to the severe ICP effect. The 
theoretical calculation results of the PAO performances agreed well with the 
experimental data in various conditions. Thus, the theoretical analysis gave us a better 
understanding to decide the conditions for optimal performance of the PAO operation 
and I successfully expressed the prediction model including the effect of pressure drop 
on the water flux.  
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Chapter IV 
Experimental and theoretical study of a forward 
osmosis hollow fiber membrane module with a 
cross-wound configuration 
 
IV.1 Introduction 
In chapter II and III, I investigated the effect of various operating conditions on the 
water flux and reverse solute flux in small-scale hollow fiber (HF) membranes. Moreover, 
comparison between experimental data and theoretical calculation results by the 
prediction model. I carried out the lab-scale experiment using FO HF mini-module (720 
HFs, 300-mm length, and 0.18-m2 membrane area). In the case of lab-scale experiment, 
pressure drops, external concentration polarization (ECP) effect, flow directions of DS 
and FS, and dilution (concentration) effects were not considered.  
Hence, to use FO in industrial applications, the parameters of the systems in which 
they could be applied must be known; the most important such parameters are plant 
scale, initial cost, operating conditions, and operating cost. During large-scale module 
operation, module performance strongly depends on the operating conditions [1]. 
Therefore, the required membrane area depends not only on the amount of water to be 
treated but also the operating conditions, such as the cross-flow velocity and salinity 
gradient. Therefore, to design a full-scale FO process, a pilot-scale test is strongly 
recommended instead of a lab-scale test using small membrane [1]. However, few studies 
have investigated the module performance of large-scale FO membranes because few FO 
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membrane modules have been commercialized. Spiral-wound membrane modules—SW 
4040 and 8040 elements made of cellulose triacetate (CTA) from Hydration Technology 
Innovation (HTI) Inc. (Albany, Oregon) and a SW8040 FO element made of thin-film 
composite (TFC) polyamide membrane from Oasys Water Inc. (Boston, Massachusetts)—
have been used and studied with regard to FO applications [1, 2].  
Regarding the spiral-wound configuration, an additional modification of the spiral-
wound RO module is usually required because the FS-side flow inlet path is required for 
FO modules [3]. Therefore, a FS-side central partitioning wall is often installed to assure 
the FO flow pathway [4]. However, a central partitioning wall at the FS side would lead 
to an unfavorable increase in the pressure drop and an inefficient flow pattern at the FS 
side [3]. In contrast, regarding the HF module configuration, the RO HF module 
configuration can be used for FO modules because it already has 4 ports. In addition, 
this module configuration has high packing density and preferable flow pattern 
compared with other module configurations. However, despite its potential advantages, 
many fewer analytical studies investigating FO HF modules exist compared with the 
number that have investigated spiral-wound FO modules. Edvard et al. conducted an 
analytical study of the FO HF module performance using a simulation approach without 
experimental data [4]. Their simulation results facilitated the design of a HF module 
configuration able to achieve optimized operation. However, further research integrating 
both simulation and experimental studies is strongly recommended to design a reliable 
full-scale FO process. 
In this study, I experimentally and theoretically investigated the performance of large-
scale FO HF membrane modules (5-in-scale, 175-mm diameter, and 680-mm length) with 
an effective membrane area of approximately 70 m2. I analyzed the effect of operating 
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conditions, such as the inlet flow rates of the DS and FS, concentrations of DS and FS, 
and DS types, on the FO module performance. To determine the FO flux of the HF 
module, a theoretical estimation based on the friction–concentration polarization (FCP) 
model [6, 7] in order to investigate the differences between lab-scale and large-scale HF 
module such as pressure drop, external concentration polarization (ECP), flow direction 
of DS and FS, and dilution (concentration) effects in the HF module. 
 
IV.2 Theory 
IV.2.1 Modified FCP model for FO 
In osmosis-driven membranes, the FO flux Jw (L/m2·h) depends on the membrane 
orientation and the intrinsic membrane parameters, such as the water permeability 
coefficient (A; L/(m2·h·bar)), salt permeability coefficient (B; L/m2·h), and the structure 
parameter (S; μm) [5]. Jw can be expressed for each membrane orientation (active layer 
facing the DS, AL-DS; and active layer facing the FS, AL-FS) by considering the 
membrane orientation and subsequent concentration polarization as follows [8]: 
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where πDS,b and πFS,b are the osmotic pressures of the DS and FS in the bulk, respectively, 
in bar. ΔP is the hydraulic pressure difference between the shell side and the bore side 
of the HF membrane (ΔP = Pshell − Pbore). K is the solute resistance to salt transport in 
the porous support membrane, which is defined in Eq. (IV-3) as a function of the 
structural parameter S and the diffusion coefficient D (m2/h). k is a mass-transfer 
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coefficient on the shell side and is described in detail below. 
The reverse salt flux Js (g/(m2·h)) is also described as follows [9,10]: 
))(( PAJ
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     (for AL-FS) (IV-5) 
where n, R, and T are the van’t Hoff coefficient (-), gas constant (L·bar/(K·mol)), and 
solution temperature (K), respectively. 
To analyze the FO HF module performance, I combined the FO theory with a FCP 
model, which has often been used as an analytical model for the RO HF module. The 
FCP model is an initial analytical model of a HF RO membrane module in which the 
pressure loss inside the HF is considered according to the Kimura–Sourirajan membrane 
transport equation [11]. The FCP model is based on the stepwise segmental (integral) 
calculation of both the bore and shell sides of the HF membrane, considering the external 
concentration polarization, pressure drops, and the concentration profiles in the RO 
module. The segmental direction of the FCP model for FO operation is shown in Figure 
IV-1. The shell-side segmentation was divided between the radial, r, and axial, z, 
directions to consider the shell-side current streaming from the central core tube in the 
outer radial direction, as shown in Figure IV-1 (a). In this divided calculation, the bore-
side segmentation was also divided between the r and z directions to investigate locally 
varying factors, such as the concentration and hydraulic pressure profiles of the HF 
membrane, as shown in Figure IV-1 (b). In addition, the different HF length in the 
module was also considered because the crossly wounded HF length increased with the 
increase of the wounded radius, r (Figure IV-2). Both the local FO flux and the local 
reverse salt flux were calculated by using equations based on the solution-diffusion 
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model, which are shown in Eqs. (IV-1)－(IV-5). The local DS and FS concentrations were 
then determined using these values. Here, I assumed that the shell-side stream near the 
module wall could freely flow to the shell-side outlet through the blank space of the 
wounded HF bundles.  
 
Figure IV-1. Integral calculation method of the FCP model of the (a) shell side and (b) 
bore side of the HF membrane in the module.  
 
The pressure (Pshell) drop outside the HF (shell side) is expressed by the Ergun 
equation as follows [12, 13]: 
)5.1(
)1(75.1
)5.1(
)1(150
2
323
2
shell
shellshell
shell
shellshellshell
d
V
d
V
dr
dP 



 



 (IV-6) 
where ε is the void fraction, and μshell and ρshell are the viscosity (Pa·s) and density (kg/m3) 
of the shell-side solution, respectively. Vshell is the superficial velocity within a fiber 
bundle, and r is the radial coordinate. The total pressure drop was estimated by 
integrating Eq. (IV-6) using the method shown in Figure IV-1 (a). 
The pressure (Pbore) drop inside the HF (bore side) is expressed by the Hagen–
Poiseuille equation as follows [14]: 
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where din is the inner diameter of the HF (m). z is the axial coordinate, which corresponds 
to the axial direction of the HF bundle. μbore and ubore are the viscosity and flow velocity 
(m/s) of the bore-side solution, respectively. The total pressure drop was estimated by 
integrating Eq. (IV-7) using the method shown in Figure IV-1 (b). 
In addition, during large-scale module operation, the external concentration 
polarization (ECP) is not negligible because of the lower feed flow rate and higher 
packing density of the membrane compared to that in the lab-scale experiment. In the 
FCP model, the ECP of the HF module is expressed using a mass-transfer coefficient, k, 
as follows [6, 7]: 
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w
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 (IV-8) 
where Cm, Cp, and Cb are the concentrations at the membrane surface, the permeate, and 
the bulk salt solution, respectively. 
In the FCP model, k was described by the following dimensionless equation [6, 7, 15]: 
3/16.0Re048.0 ScSh   (IV-9) 
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Sh, Re, and Sc are the Sherwood number, Reynolds number, and Schmidt number, 
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respectively. D and dout (m) are the diffusion coefficient of the DS and the outer diameter 
of the HF membrane, respectively. u, ρ, and μ are the flow velocity, density, and viscosity 
of the solution, respectively. The subscript “shell” is used to indicate the properties of the 
shell-side solution of the HF membrane. The coefficient 0.048 in Eq. (IV-9) was an 
empirical parameter fitted based on the RO experiment [16]. Here, I chose this empirical 
parameter for FO operation as described in the Results and Discussion section. 
 
IV.3 Experimental 
IV.3.1 Chemicals 
Unless otherwise specified, all reagents and chemicals used in this study were of 
analytical grade and used without further purification. For the membrane module 
performance tests, sodium chloride and magnesium sulfate (Wako Pure Chemical Co., 
Osaka, Japan) were used to prepare the salt solution used as the DS. After purification 
with an activated carbon filter, tap water was used as the FS and as the DS solvent.  
 
IV.3.2 HF membrane modules 
A 5-in-scale FO HF membrane module was kindly provided by TOYOBO Co. Ltd. 
(Japan). The schematic illustration of the module and the module information are shown 
in Figure IV-2 and Table IV-1, respectively. The HF membranes (inner diameter: 85 μm; 
outer diameter: 175 μm; number: 220,000) were installed in the 5-inch modules. Using a 
large number of HF membranes results in a higher total effective membrane area, which 
was approximately 70 m2 in this case. The HF bundles had a cross-wound configuration 
with a packing density of approximately 54% around a central core tube from which the 
shell-side feed was supplied. Such a cross-wound HF with a radial flow configuration is 
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significantly advantageous because it exhibits less pressure drop than longitudinal HF 
module elements [17] and preferable turbulence flow, which reduces its ECP.  
The HF membranes were made from CTA and had an outer active layer surface [5]. 
The intrinsic membrane parameters, such as A, B, and S, of the HF membranes were 
obtained by preliminary RO and FO measurements using a mini-module consisting of 
720 membranes, as described in my previous report [5]. The mini-module experiment is 
preferred when determining intrinsic parameters because various effects, such as 
pressure drop, DS dilution, and FS concentration that are not negligible in the large-
module case can be ignored. The intrinsic parameters obtained for the FO HF membrane 
installed in this module are listed in Table IV-2. 
 
 
Figure IV-2. Schematic of a FO HF module with a cross-wound HF configuration. 
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Table IV-1 Technical specifications of the HF membrane modules. 
 
Table IV-2 Intrinsic membrane parameters of the HF membrane in the module. 
 
 
IV.3.3 FO performance test 
Figure IV-3 shows a schematic illustration of the system used to test the FO 
performance. The system consists of two parts: a FO evaluation unit and a RO recovery 
unit. The DS and FS were introduced to the HF module at a DS flow rate of 4–20 L/min 
and a FS flow rate of 2–14 L/min using a feeding pump (MD-55FY, IWAKI Co., Ltd, 
Japan) and a high-pressure pump (APP1.0, Danfoss Co., Ltd, Japan) for DS and a low-
pressure pump (CRN1-13, GRUNDFOSS Co., Ltd.) for FS. Cartridge filters with a pore 
size of 5 m were installed to remove contaminants before the high-pressure pump inlets. 
After FO HF module operation, both the concentrated FS and the diluted DS were 
collected in the drain tank and then supplied to RO modules (SWC5-4040, Hydranautics 
Corp., CA). The obtained RO brine and RO-permeated water were returned to the DS 
and FS tanks, respectively. This FO/RO combined system enables long-term monitoring 
of HF module performance with constant-quality inlet DS and FS solutions. To 
investigate the module performance, I measured the flow rates, electric conductivities, 
* calculated by preliminary RO and FO tests [5]  
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hydraulic pressures, and temperatures using a multi-channel data logging system 
(GL820-UM-801, GRAFHTEC Co., Ltd., Japan) connected to a personal computer. The 
solution temperature was controlled with chiller units (RKE2200B1, ORION 
MACHINERY Co., Ltd) connected to the DS (200 L), FS (100 L), and drain (200 L) tanks. 
To ensure that the salt concentration was uniform in the tanks, the DS and drain tanks 
were mixed with circular pumps. I investigated the effects of the operating conditions, 
such as the DS inlet concentration (CDS-inlet), DS inlet flow rate (QDS-inlet), FS inlet flow 
rate (QDS-inlet), membrane orientation (AL-DS or AL-FS), and DS type (sodium chloride 
or magnesium sulfate), on the module performance. To avoid rupturing the HF, a 
pressure difference between the shell-side inlet (Pshell-inlet) and the bore-side inlet (Pbore-
inlet) was maintained at 2.0 bar (Pshell-inlet＞Pbore-inlet) by the valve connected near the shell-
side outlet. Although the bore-side outlet was open to the atmosphere and the bore-side 
outlet pressure was atmospheric pressure, the shell-side outlet pressure was also 
controlled to be higher than atmospheric pressure by the valve to avoid rupturing the 
HF at the outlet. All experiments were performed at 25±1 °C (DS tank, FS tank, and 
drain tank). 
 
Figure IV-3. A FO/RO hybrid system for evaluating FO HF module performance. 
E: EC meter; HP: High-pressure pump; LP: Low-pressure pump; and PF: Pre-filter. 
V-1, -2, -3: Control valve 
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IV.3.4 Osmotic pressure measurement 
The osmotic pressures of the salt solutions were measured using a vapor pressure 
osmometer (Wescor 5600, Wescor Inc., Logan, USA), as described in my previous report 
[18]. Briefly, I measured the osmolality m (mmol/kg) of each salt solution, and then, the 
osmotic pressure of the solution was calculated as follows [19, 20]: 
π = mρRT (IV-13) 
where π is the osmotic pressure, ρ is the density of water, and R and T are the ideal gas 
constant and absolute temperature, respectively. The osmotic pressures obtained were 
used to theoretically analyze the HF module data. 
 
IV.4 Results and discussion 
IV.4.1 FO performance of the HF module in the AL-DS orientation 
IV.4.1.1. Effects of the DS and FS inlet flow rates on the water flux 
Figure IV-4 shows the water flux (Jw) as a function of the DS and FS inlet flow rates 
(QDS-inlet and QFS-inlet, respectively; L/min) in the AL-DS orientation, in which the DS is 
introduced to the shell side of the HF membrane. The effect of the shell-side DS flow rate 
QDS-inlet on Jw is shown in Figure IV-4 (a). As the DS inlet concentration (CDS-inlet) 
increased, Jw increased because the osmotic pressure driving force increased. Jw also 
increased with increasing QDS-inlet because the increase in QDS-inlet reduced both the DS 
dilution effect in the module and the ECP effect at the outer side of the HF membrane. 
The DS dilution effect occurs when the DS concentration decreases along the DS flow 
direction because of water permeation from the FS to the DS. When CDS-inlet is higher, 
the QDS-inlet dependence on Jw increases substantially because of severe DS dilution and 
ECP effects, as shown in Figure IV-4 (a). 
118 
 
The effect of the bore-side FS flow rate QFS-inlet on Jw is shown in Figure IV-4 (b). Jw 
linearly increased with increasing QFS-inlet in the QFS-inlet range from 0 to approximately 
5 L/min because all the supplied FS was permeated as a result of the large membrane 
area relative to the FS flow rate. The straight black line in Figure IV-4 (b) shows this 
relationship. In contrast, when the QFS-inlet exceeded approximately 5 L/min, Jw slightly 
decreased with increasing QFS-inlet. In a lab-scale experiment using a small membrane, 
increasing the QFS,inlet enhanced Jw by reducing the dilution and ECP effects at the FS 
side. Therefore, this gradual flux decrease is a distinctive feature of the large-scale 
module. To investigate this tendency, the hydraulic inlet pressures of DS and FS as a 
function of QFS,inlet were determined and are shown in Figure IV-5. Because the outlet 
pressure of FS was equal to atmospheric pressure, the higher inlet FS pressure led to a 
severe pressure drop in the bore-side FS of the HF membrane. As shown in Figure IV-5 
(a), when the QFS-inlet increased, the bore-side FS inlet pressure (PFS-inlet) increased, and 
to maintain the inlet hydraulic pressure difference at 2.0 bar, the DS inlet pressure (PDS-
inlet) was thus also increased. As described in section 3.3, the inlet hydraulic pressure 
difference was maintained at 2.0 bar in this experiment. The hydraulic pressure 
difference P (Pshell－Pbore) (bar) in the HF module as QFS-inlet varied is shown in Figure 
IV-5 (b). In the AL-DS orientation, P (Pshell－Pbore) corresponds to (PDS－PFS). These 
hydraulic pressure differences were calculated using the Hargen-Poiseuille and Ergun 
equations. The initial hydraulic pressure difference at the inlet slightly exceeded 2.0 bar 
because of the pressure drop at the module joint. Although the HF lengths are different 
at the position r, as shown in Figure IV-1 (b), the Ps presented in Figure IV-5 (b) are 
the values for the HF at the head radius of the module. The calculated results indicated 
that the pressure difference increased from the inlet to the outlet of the module, even 
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though the inlet pressure difference was maintained at 2.0 bar. Additionally, as QFS,inlet 
increased, P also increased. The increase in P (PDS－PFS) decreases Jw, as shown by 
Eq. (IV-1). This is the reason that Jw decreases in the high QFS, inlet region in Figure IV-
4 (b).  
To express the ECP effect, an empirical relation has often been used to characterize RO 
or ultrafiltration (UF) membranes as follows [21, 22]: 
 SceRSh   (IV-14) 
Most Sh correlations are well known to occur as follows [23, 24]: 
33.033.033.0)(85.1 SceR
L
d
Sh h
 (For laminar flow (Re ≦ 2100)) (IV-15) 
330750040 ... SceRSh 
 (For turbulent flow (Re > 2100)) (IV-16) 
Although these two equations are also empirical and were derived based on 
experimental results obtained from UF experiments [25], they have often been used to 
express the ECP in FO processes using a methodology similar to that used for other 
systems [23, 26]. However, Ng et al. noted that these equations, which were derived from 
UF experiments, are not necessarily valid and cannot be accurate for FO processes 
because (1) the membrane roughness difference between FO and UF membranes will 
likely affect the ECP effect and (2) FO requires less consideration of the difference in the 
pressure drop along the flow channel than UF and RO process [24, 28, 29]. According to 
their suggestion, here, I chose the three parameters in Eq. (IV-14) (α, β, and γ) for my 5-
in-scale FO HF membrane module and consequently determined the following empirical 
equation: 
33078501020 ... SceRSh 
 (IV-17) 
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The detailed method used to determine these parameters and the relationship between 
Sh Sc -0.33 and Re based on the experimental results is described in the Appendix. The 
three parameters obtained were different from those in the RO HF membrane module 
case: α = 0.048, β = 0.6, and γ = 0.33 [16]. Many studies have investigated the Sh 
correlation equation regarding the calculation of the mass-transfer coefficient of the ECP 
layer. The reported Sh correlations and their experimental conditions, such as the 
membrane type and module configurations, are listed in Table IV-3. Even for the flat-
sheet-type modules that are typically studied, the parameter values varied. Few studies 
have addressed the Sh correlation specified for the FO process, which may differ from 
that of other processes. Therefore, further research is necessary to understand the role 
of ECP in FO processes. Sagiv et al [30] have demonstrated CFD analysis to estimate 
the contribution of ECP and ICP for a simple flat-sheet FO membrane. Their result 
indicated that concentration profiles calculated by common film model and CFD model 
were interestingly different. Therefore, CFD approach should be addressed to express 
the ECP in FO with considering channel structure [31] in the future. 
The solid lines in Figure IV-4 (a) and (b) indicated the results calculated based on the 
proposed Sh correlation in the FCP model. The calculated results are in good agreement 
with the experimental data. 
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Figure IV-4. Effect of the (a) shell-side DS inlet flow rate, QDS-inlet, and (b) bore-side FS 
inlet flow rate, QFS-inlet, on the water flux of a HF module operated in the AL-DS 
orientation. 
 
 
 
 
 
 
 
 
Figure IV-5. (a) Hydraulic pressures at the DS and FS inlets and (b) the hydraulic 
pressure difference, P, at the half radius of the module. 
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Table IV-3. Sh correlations used to calculate the mass-transfer coefficient of the ECP 
layer.  
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IV.4.1.2 Effects of the DS inlet flow rate on the reverse salt flux 
Figure IV-6 (a) shows the reverse salt flux (Js) as a function of CDS-inlet and QDS-inlet in 
the AL-DS orientation. The results indicated that the QDS-inlet dependence on Js was 
similar to the behavior observed for Jw in Figure IV-4 (a). That is, Js increased as QDS, 
inlet increased, and this dependence was enhanced in the presence of high CDS. This 
similarity also indicated that increasing the QDS-inlet increased the effective osmotic 
driving force by reducing the effects of dilution and ECP at the shell side. The solid lines 
indicated the calculated results, which roughly agreed with the experimental data.  
Figure IV-6 (b) shows the correlation between Jw and Js with different CDS-inlet and QDS-
inlet in the AL-DS orientation. This result clearly indicated that Jw and Js are linearly 
correlated despite different operating conditions. The linear relationship between Js and 
Jw can be obtained from Eq. (IV-4), as follows: 
PBJ
AnRT
B
J ws  )(
 (IV-18) 
The slope in Figure IV-6 (b) is approximately 22.2 × 10-4 mol/L. This value is almost same 
as that calculated from B/AnRT: 27.3 × 10-4 mol/L. This agreement was observed because 
the second term on the right side of Eq. (IV-18) could be negligible (less than 0.6 % than 
the first term in this study).  
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Figure IV-6. (a) Effects of CDS-inlet and QDS-inlet on the reverse salt flux and (b) the 
correlation between the water flux, Jw, and reverse salt flux, Js, in the AL-DS orientation. 
 
IV.4.2 FO performance of the HF module in the AL-FS orientation 
Figure IV-7 (a) and (b) show Jw as a function of QDS-inlet and QFS-inlet, respectively, in the 
AL-FS orientation, in which the DS is introduced to the bore side of the HF membrane. 
When the bore-side inlet flow rate QDS-inlet was 6 L/min, the linear velocity of the DS at 
the HF inlet was approximately 8.1 cm/s. As shown in Figure IV-7 (a), Jw slightly 
increased as QDS, inlet increased because the increase in QDS, inlet reduces the ECP and DS 
dilution effects. DS dilution was not negligible because of the water permeation into the 
HF bore side, where the DS was introduced. When 1.0 M sodium chloride was used as 
the inlet DS, the experimentally measured DS concentration at the module outlet 
decreased by at least 0.8 M. However, the effect of QDS, inlet on Jw was not as high as in 
the AL-DS case because the internal concentration polarization (ICP) exerts a more 
significant affect than ECP during AL-FS operation when the structure parameter is 
relatively high. Therefore, here, I assumed that the ECP at the bore side would be 
negligible in the simulation because of the relatively high structure parameter of the HF 
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membrane used in this study [5]. The theoretical calculation results are also shown in 
Figure IV-7 (a), and despite this assumption, the results are in good agreement with the 
experimental results. In addition, these results revealed that the increase in Jw as QDS-
inlet increased resulted from both the increase in the hydraulic pressure difference (P) 
resulting from the pressure drop in the module and the suppression of the DS dilution; 
these two factors each contributed approximately 50 % of the increase. Therefore, in the 
AL-FS orientation, the increased P in the HF module affected the module performance 
as observed in the AL-DS orientation case. 
In contrast, Jw remained almost constant as QFS, inlet increased, as shown in Figure IV-
7 (b). This constant Jw indicated that the ECP effect at the shell side could be negligible 
when water was used as the FS. Therefore, πFS,m (osmotic pressure on the membrane 
surface) and πFS,b (osmotic pressure on the bulk solution) could be regarded as equal for 
the simulation. The results obtained were also in good agreement with the experimental 
data in Figure IV-7 (b).  
 
 
 
 
 
 
 
 
Figure IV-7. Effects of the (a) bore-side DS inlet flow rate, QDS-inlet, and (b) shell-side FS 
inlet flow rate, QFS-inlet, on the water flux of a HF module in the AL-FS orientation. 
 
126 
 
IV.4.3 Effect of DS type on the water flux 
Figure IV-8 shows the effect of DS types (sodium chloride and magnesium sulfate) on 
Jw in AL-DS and AL-FS orientations operated with same CDS, inlet. When magnesium 
sulfate was used as DS, about 50% of Jw reduction was observed compared with that in 
sodium chloride case. To analyze the Jw in magnesium sulfate case quantitatively, I 
concerned the osmotic pressure and the diffusion coefficient. The osmotic pressures in 
two types of DS were measured and the diffusion coefficients were obtained from 
literature [43, 44]. The measured osmotic pressure data for sodium chloride and 
magnesium sulfate was shown in the Supplementary Information. The results showed 
the osmotic pressure of 0.6 M magnesium sulfate aqueous solution (18.5 bar) was lower 
than that of 0.6 M sodium chloride aqueous solution (29.8 bar). In addition, the diffusion 
coefficient of magnesium sulfate in water at 25 °C (1500 ×10-9 m2·h-1 [43]) was about 
one-third of that of sodium chloride in water at 25 °C (5300×10-9 m2·h-1 [44]). According 
to these two effects, Jw in magnesium sulfate case showed the lower value. Jws in AL-FS 
orientation were higher than those in AL-DS orientation in both sodium chloride and 
magnesium sulfate DS cases. Generally, Jw in the AL-FS orientation was lower than that 
in the AL-DS orientation because of the more severe ICP effect in the small lab-scale 
experiment [5]. The opposite result obtained in this large-scale module experiment can 
be attributed to the hydraulic pressure difference (P = Pshell－Pbore) resulting from the 
pressure drop. As shown in Figure IV-5 (b), P increases from the inlet to the outlet of 
the module. In the AL-DS orientation, the increase in P (PDS－PFS) reduced Jw, similar 
to the behavior in PRO conditions [45, 46]. In contrast, in the AL-FS orientation, the 
increase in P (PDS－PFS) enhanced the water permeation from the FS to the DS, as in 
PAO conditions [47, 48]. Thus, increasing P inhibited Jws in the AL-DS orientation and 
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promoted it in the AL-FS orientation. This is the reason that Jw in the AL-FS orientation 
was higher than that in the AL-DS orientation in this large-scale module experiment. 
The lines indicating the theoretical results obtained by considering these factors are 
shown in Figure IV-8. These lines are in good agreement with the experimental data of 
the HF module, despite the use of different types DS with the same intrinsic membrane 
parameters. 
 
Figure IV-8. Relationship between the water flux and DS inlet flow rate QDS-inlet with 
sodium chloride and magnesium sulfate as the DS. QFS-inlet and CDS-inlet were 14 L/min 
and 0.6 M, respectively. 
 
Figure IV-9 shows the effect of CDS-inlet on Jw in the AL-DS and AL-FS orientations 
when using magnesium sulfate as the DS. Jw increased as CDS-inlet increased for each 
orientation, and in both CDS-inlet cases, the values of Jw in the AL-FS orientation were 
higher than those in the AL-DS orientation. The calculated results were in good 
agreement with the experimental data.  
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Figure IV-9. Effect of the DS inlet flow rate QDS-inlet on the water flux in the AL-DS and 
AL-FS orientations with 0.3-M and 0.6-M magnesium sulfate as the DS. QFS-inlet was 
fixed at 14 L/min. 
 
IV. 5. Conclusions 
In this study, I experimentally and theoretically investigated the FO performance of a 
large-scale FO HF membrane module (membrane area: 70 m2) with a cross-wound HF 
configuration. The module performances strongly depended on the operating conditions, 
such as the inlet flow rate, membrane orientation, salt concentration, and DS salt type. 
In the AL-DS orientation, increasing the shell-side inlet flow rate reduced the DS 
dilution and ECP effect, and enhanced the water permeation, whereas increasing the 
bore-side inlet flow rate increased the hydraulic pressure difference resulting from the 
pressure drop in the module and reduced the water permeation. In the AL-FS orientation, 
the ICP exerted a greater effect on the module performance than the bore-side ECP. A 
simple, modified analytical model based on the FCP model demonstrated good 
agreement with the experimental data under all operating conditions. To express the 
ECP, I derived a novel empirical equation based on the Sh correlation specified for the 5-
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in HF module during FO operation. This basic analytical study provides beneficial 
information for predicting not only module performance but also recovery ratio, 
operating efficiency, and energy consumption, which will be useful for designing full-
scale FO processes.  
 
IV. Appendix 
IV. Appendix-1 Evaluation of the Sh correlation for calculating the mass-transfer 
coefficient, k, for the 5-in FO HF membrane module.  
To express the external concentration polarization (ECP), I evaluated the Sh correlation 
using experimental data. Here, the exponent of Sc (Eq. (IV-17) in the manuscript) was 
fitted as 1/3, based on other reports in the literature [49, 50]. Figure IV-A1 shows the 
relationship between Sh Sc-(1/3) and Re calculated using Eqs. (IV-19), (IV-20), and (IV-21).  
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To obtain the Sh number, the mass-transfer coefficient k was calculated from the 
experimental data in the AL-DS orientation. The FO flux in the AL-DS orientation can 
be described as follows: 
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Then, Eq. (IV-22) can be converted to give: 
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 (IV-23) 
Thus, the mass-transfer coefficient k can be obtained using the experimental FO flux 
(JwFO EXPT).  
 To calculate Re and Sc, I used the following approximations determined from the 
density and viscosity data at 25 ºC reported in the literature [15, 42, 51]: 
ρNaCl = 0.04CNaCl+ 0.9972  (IV-24) 
ηNaCl = 0.0147CNaCl2 + 0.0684CNaCl + 0.8926 (IV-25) 
To calculate Re and Sc, I used the number averaged values (inlet and outlet sides of the 
HF module) for the concentration C in the above equations and the velocity u in Re.  
Based on Figure IV-A1, α and β of Eq. (IV-14) were chosen to be 0.102 and 0.785, 
respectively.  
To estimate k using Eq. (IV-17), when magnesium sulfate was used as the DS, the density 
and viscosity of the DS were calculated with the following equations: 
ρMgSO4 = 0.1047CMgSO4 + 1.0039 (IV-26) 
ηMgSO4 = 0.3378CMgSO43－0.3886CMgSO42 + 0.9863CMgSO4 + 0.9615 (IV-27) 
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Figure IV-A1. Relationship between Sh Sc (-1/3) and Re. 
IV. Appendix-2 Osmotic pressure measurement of sodium chloride and magnesium 
sulfate aqueous solutions.  
The osmotic pressures of the salt solutions (sodium chloride and magnesium sulfate) 
were measured using a vapor pressure osmometer (Wescor 5600, Wescor Inc., Logan, 
USA). The relationships between the molality data and salt concentrations are shown in 
Figure IV-A2. The osmotic pressures were calculated using Eq. (IV-13).  
 
Figure IV-A2. The measured moralities of the sodium chloride and magnesium sulfate 
aqueous solutions. 
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Chapter V 
A thin-film composite-hollow fiber forward osmosis 
membrane with a polyketone hollow fiber 
membrane as a support 
 
V.1 Introduction 
 In chapter II-IV, I focused on the CTA-HF-FO membranes about experimental and 
theoretical study. The experimental data was good agreement with calculation results 
on the water flux and reverse solute flux of the different-scale (from lab-scale to pilot-
scale) membrane modules. Moreover, my CTA-HF-FO membranes achieved several 
times higher FO flux than that of the first commercialized cellulose-based FO membrane 
from Hydration Technology Innovation (HTI) [1]. However, my CTA-HF-FO membranes 
still have low FO flux due to the existence of internal concentration polarization (ICP) 
generated in the porous support layer. To decrease ICP in the support layer, much 
research has been carried out with the intent of tuning support layer structure [2-4] and 
increasing hydrophilicity [5] by changing the support layer preparation condition, 
selecting the types of polymer material, and chemically pre- or post-modifying the 
support layer. Therefore, I focused on the novel material for the support membrane. 
In my previous study [6], I developed a flat-sheet type, thin-film composite (TFC), FO 
membrane using a highly porous polyketone microfiltration membrane as a novel 
support. The prepared FO membrane showed one of highest FO performances in the 
literature because of the high porosity of the support and preferable attachment between 
active and support layers. In this study, making use of the advantageous features of the 
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HF-type FO membrane as mentioned above, I have developed a TFC-HF-FO membrane 
using an HF support prepared with polyketone material. To understand the dimensional 
design of the HF FO membrane, two-types of HF supports having different diameters 
were used. 
 
V.2 Experimental 
V.2.1 Materials and chemicals 
Two types of polyketone HF membranes (HF-A and HF-B) were kindly provided by 
ASAHIKASEI FIBERS Co., Japan, and were used as support membranes for the 
preparation of TFC-HF-FO membranes. The polyketone HF support membranes were 
prepared via the non-solvent induced phase separation (NIPS) method described in my 
previous report [6]. For preparation of the active layer, I used 1,3,5-benzenetricarbonyl 
trichloride (TMC), (±)10-camphorsulfonicacid (CSA), hexamethylphosphoric triamide 
(HMPA), 1,3-phenylenediamine (MPD), sodium dodecyl sulfate (SDS), and triethylamine. 
The first three chemicals were obtained from TOKYOKASEI Co., Tokyo, Japan, and the 
last three, from Wako Pure Chemical Co., Osaka, Japan. Galwick® (Porous Materials 
Inc., New York, USA) was used in liquid-liquid porometer experiments. For the FO 
performance tests, sodium chloride (Wako Pure Chemical Ltd., Osaka, Japan) solutions 
were prepared and used as draw solutions. All chemicals used in this study were of 
analytical grade and used without further purification. Ultra-pure water was supplied 
by a Milli-Q ultra-pure water system (Millipore, Bedford, MA, USA). 
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V.2.2 Characterization of the HF support membrane 
V.2.2.1 Liquid-liquid porometer (LLP) measurements 
The pore size and distribution of the polyketone HF support membranes were 
characterized with a liquid-liquid porometer (LLP) (LLP-1200 Porous Material Inc., 
USA) [7]. The LLP can evaluate the open pore diameter (active for flux) at the bottleneck 
portion with lower hydraulic pressure than that used in the conventional bubble-point 
method. In the LLP measurement, the HF membrane was soaked in a wetting liquid 
that is subsequently pushed out by another immiscible liquid when the applied pressure 
increases. The experimental procedure allows correlating the applied pressure and the 
corresponding pore diameter. Here, I used 2-propanol as the wetting liquid and Galwick® 
as the immiscible liquid. The pore diameter Dpore was then calculated using the following 
equation [8]: 
apppore pD  /cos 114   (V-1) 
where Dpore is the opened (active for flow) pore diameter at the bottleneck part, γ1 is 
interfacial tension between the two liquids, θ1 is the contact angle between the wetting 
liquid and the membrane surface, and Δpapp is the applied pressure for the displacement 
of the wetting liquid. The contact angle between the liquid and membrane material 
interface was assumed to be zero (cos θ1 = 1) because γL1/L2 was very small (about 4～9 
mN/m) and γs/L1 is higher than γs/L2 in selective case (2-propanol and Galwick®) These 
conditions were required for LLP as general thing. Figure V-A2 showed the surface 
tension of liquids and membrane surface in equilibrium state (γs/L2 – γs/L1 = γL1/L2 cos θ). 
 
(1) 
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V.2.2.2 Porosity measurement of the HF support membranes 
The porosity of the HF support membranes (HF-A and HF-B) were obtained by 
measuring the volumetric weight. The weights of 5 cm-long pieces of the HFs were 
precisely measured with an electronic balance. The porosity of the HF was calculated 
with the following equation [9]: 
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where G is the measured weight of the piece of the dried HF. The quantities din and dout 
are the inner and outer diameters of the HFs as measured by SEM. Here, the density of 
the polyketone was taken to be 1.3 g/cm3 as reported in the literature [10]. The 
measurements were repeated at least ten times to obtain the average value. 
V.2.2.3 Water permeation test of the HF support membrane  
To estimate the HF-support-membrane performance for water permeation, a pressure-
driven permeation test was carried out. The permeation experiment was performed in a 
lab-scale apparatus as described in my previous report [11]. Briefly, a 14 cm-long HF 
support membrane was installed in the module, and then the inlet pressure of the feed 
solution was increased from 0.015 to 0.1 MPa. The feed solution was forced to permeate 
from the shell side to the bore side of the HF membrane. The inlet flow rate of the feed 
solution was set at 1.0 L/h. For the permeation test, the pure water permeability was 
measured using DI water. This permeation test was carried out at room temperature 
(25±1 oC). 
 
143 
 
V.2.3 Preparation of TFC-HF-FO membrane 
Active layer preparation was carried out on the shell side of polyketone HF membrane 
via interfacial polymerization of TMC and MPD. A schematic illustration of the 
preparation method is shown in Figure V-1. Firstly, both terminals of a HF support 
membrane were sealed with epoxy resin to prevent the aqueous and hexane solutions 
entering the bore side of the HF support membrane. The sealed HF membrane was then 
immersed stepwise in an aqueous solution including MPD, CSA, SDS, TEA, and HMPA 
for 300 s and a hexane solution including TMC for 120 s. The composition of each solution 
was described in my previous report [6]. After the interfacial polymerization, the HF 
membrane was heat-treated at 90 oC for 10 min. The prepared TFC-HF-FO membrane 
was washed with a large amount of water at least two times. Here, I prepared two-types 
of TFC-HF-FO membranes (TFC-FO (HF-A) and TFC-FO (HF-B)) using HF-A and HF-
B support membranes. Both sealed ends were cut with a tube cutter to make the bore-
side flow pathway before use. 
 
Figure V-1. Procedure for the interfacial polymerization of the shell side of the hollow 
fiber membrane support. 
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V.2.4 Characterization of the prepared TFC-HF-FO membrane 
V.2.4.1 SEM analysis 
The morphologies of the polyketone HF support membranes and the prepared TFC-
HF-FO membranes were characterized using a field-emission scanning electron 
microscope (FE-SEM; JSM- 7500F, JEOL Co. Ltd., Tokyo, Japan). The sample was 
prepared by freeze drying (FD-1000, EYELA, Japan). Prior to FE-SEM measurement, 
the HF membranes were coated with osmium tetroxide (OsO4) using an osmium coater 
(Neoc-STB; MEIWAFOSIS Co. Ltd., Tokyo, Japan). 
V.2.4.2 XPS analysis 
To confirm the active-layer formation and evaluate the active-layer characteristics, 
chemical composition of the prepared membrane surface was analyzed using X-ray 
photoelectron spectroscopy (XPS) (JPS-9010MS, JEOL, Japan). The XPS measurements 
were performed on the cleaned HF support membranes and the prepared TFC-HF-FO 
membranes using a monochromatized spectrometer with an Al Kα radiation probe (1486 
eV). The membrane samples used for XPS measurements were extensively rinsed and 
soaked in Milli-Q water for 24 h before they were dried in a vacuum. For each 
measurement, survey scans were performed by sweeping over 0–1000 eV of electron 
binding energy with an energy step size of 1 eV. In addition, high-resolution scans were 
carried out by averaging 100 scans of the C 1s peak from 276 to 292 eV with a resolution 
of 0.1 eV. For all scans, sample charging was minimized with an electron flood gun 
operated at 3 eV. 
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V.2.4.3 Mechanical properties analysis 
The mechanical strength of the prepared TFC-HF-FO membranes was measured using 
a custom-made RO test cell described in my previous report [12]. The flow rate of DI 
water was set at 1.0 L/min. The adjusted hydraulic pressure was applied for 30 min, and 
then an additional pressure of 2 bar was applied. This procedure was repeated until the 
applied hydraulic pressure broke the TFC-HF-FO membrane. After the RO test, the 
broken TFC-HF-FO membranes were observed using an optical microscope (SKM-2000-
PC, SAITOH KOUGAKU CO. Japan) in order to confirm the undesirable deformation of 
the TFC-HF-FO membrane. 
V.2.5 Performance measurement of the TFC-HF-FO membrane 
V.2.5.1 FO performance evaluation 
The FO performance of the prepared TFC-HF-FO membranes was measured with an 
apparatus schematically illustrated in Figure V-2. A prepared TFC-HF-FO membrane 
whose length was a 14 cm (excluding the fixed area) with both terminals fixed was 
immersed in a vessel containing sodium chloride aqueous solution as DS. The effective 
membrane area of HF-A and HF-B was 2.1×10-4 and 3.8×10-4 m2, respectively. The bore-
side FS (DI water) flow was supplied by a pump (AS ONE Co., DSP-100SA) to control 
the flow rate at 15 ml/min. 
To reduce the outer DS-side external-concentration polarization effect and to make the 
DS solution uniform, the DS tank was continuously stirred with a magnetic stirrer. I 
investigated the DS concentration on the FO-membrane performance in an orientation 
with the active layer facing the DS (AL-DS). FO flux Jw and reverse salt flux Js were 
obtained by decrease of the FS volume and increase of the solute concentration in the FS 
measured by using a real-time data logging system connected to a personal computer. Jw 
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and Js was obtained from the average value over a period of operating time from 0.5 to 
1.0 h. Additionally, the water flux is almost constant value in the operating time from 
0.5 to 1.0 h. 
 
Figure V-2. Schematic illustration of the FO performance evaluation system for the 
prepared HF-FO membrane 
V.2.5.2 Intrinsic membrane parameter evaluation using FO-fitting method 
The mass transport though the FO membrane can be expressed in terms of the 
intrinsic membrane parameters (water permeability A, salt permeability B, and 
structure parameter S) and experimental parameters (DS concentration, diffusion 
coefficient of DS, inlet flow rates, test cell dimension, temperature, etc.). Moreover, the 
different geometries between HF membrane and flat sheet membrane dictates that their 
mass transfer equations should have very different form as general things. In current 
report, the flat sheet model can practically be applied to characterize HF membranes 
intrinsic properties and then JwCALC and JsCALC can be calculated by Eqs. (V-3) and (V-4) 
[13]. Although the A and B values are often estimated using RO tests and the S value is 
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estimated using the FO test (the so called RO-FO methods), recent studies have pointed 
out that the A and B values would change depending on the operating modes, such as 
RO, FO, or PRO [14-18]. Kim et al [15] suggested that the FO-membrane performance 
changed with increasing hydraulic transmembrane pressure because the A and B values 
change. Tiraferri et al [18] also suggested that these fundamental differences might be 
attributable to the differences in the intrinsic parameters between RO and FO processes. 
Therefore, according to their suggestions, the intrinsic membrane parameters of the 
prepared TFC-HF-FO membranes were estimated using FO-fitting methods [18]. 
Theoretically, water flux (JwCALC) and reverse salt flux (JsCALC) in the AL-DS orientation 
can be expressed as follows [18]: 
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where A and B are water and salt permeability coefficients determined by active layer 
characteristics, S is the structural parameter based on the support layer morphology, D 
is the diffusion coefficient of the draw solute in the bulk, πDS,b and CDS,b are osmotic 
pressure and concentration of the draw solution in the bulk, respectively, and πFS,b and 
CFS,b are osmotic pressure and concentration of the feed solution in the bulk, respectively. 
The quantity P, as expressed in Eq. (V-5), is the average hydraulic pressure difference 
(AL-DS orientation) 
(AL-DS orientation) 
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between the bore side and shell side of the HF membrane. In these equations, the ICP 
effect in the support layer and the bore-side pressure drop of the HF membrane were 
taken into account for the determination of P, which influences the FO flux. Here, P 
was calculated by Hagen–Poiseuille equation due to laminar flow condition, the friction 
coefficient of Darcy-Weisbath equation can be regarded as Re/64. Darcy-Weisbath 
equation can be converted to the Hagen–Poiseuille equation with some assumption such 
as constant HF diameter and smooth wall of lumen side HF [19]. Additionally, the 
maximum permeate was 0.17 ml/min at the inlet flow rate of 15 ml/min so that the 
permeation rate was quite low in the experiment. Therefore, the mass transfer (water 
flux) was quite lower than the pumping flow. It is indicated that the flow rate in the HF 
can be regarded as same along the HF length. 
Therefore, the bore-side pressure drop ΔPbore (= Pbore-inlet - Pbore-outlet) was calculated using 
the Hagen-Poiseuille equation as follows [20]: 
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where x is the HF membrane length, μ is the viscosity of the bore-side solution, Qbore-in 
is the bore-side inlet flow rate, and din is the inner diameter of the HF membrane.  
To obtain the intrinsic membrane parameters, I firstly defined the error value E, the 
degree of difference between calculation and the experimental data. The error values for 
water flux Ew and for reverse salt flux Es were defined and the total error value Etotal was 
then calculated [18]. The intrinsic membrane parameters were fitted by least-squares 
minimization of Etotal by changing A and S values in Eqs. (V-3) and (V-4). The B value 
was treated as an incidental parameter to the A value as follows [21]: 
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where β is the van’t Hoff factor (e.g., sodium chloride: 2) and Rg and T are the gas 
constant coefficient (0.0831 L bar/(mol K)) and temperature, respectively. Here, I used 
the average value of the ratio Js/Jw obtained from the experimental data under various 
DS concentrations. Generally, Js/Jw is constant and independent of the DS concentration 
because this ratio depends only on the active layer characteristics [6]. 
 
V.3 Results and discussion 
V.3.1 Characterization of the HF support membranes 
The support membrane characteristics are summarized in Table V-1. The diameter 
and thickness of HF-A were about half those of HF-B. The mean pore sizes and porosities 
of the two support membranes were similar, although those of HF-A were slightly lower 
than those of HF-B. Based on these pore sizes, both HF-A and HF-B support membranes 
can be classified as microfiltration membranes. The water flux through the HF support 
membranes as a function of the average pressure difference P between shell side and 
bore side are shown in Figure V-3. To relate the HF support-membrane thickness and 
porosity and the permeate flux I used Darcy’s law as follows [22]: 
L
P
kJ v

  
where Jv is the permeate flux through the HF porous membrane and L and k are the 
membrane thickness and the permeability coefficient, respectively. Here, k depends on 
membrane structural factors such as membrane pore size, surface porosity, and 
(8) 
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tortuosity [22]. The obtained k values are 12.7 and 7.45 L/(m h bar) for HF-A and HF-B, 
respectively. 
Table V-1 HF support membrane characteristics 
Samples 
Inner 
diameter 
[m] 
Outer 
diameter 
[m] 
Thickness 
[m] 
Mean pore 
size [nm] 
Porosity 
[%] 
HF-A 347 480 66.5 41.4 73.6 
HF-B 609 893 142 47.8 78.0 
 
 
Figure V-3. Water permeation results of the HF-A and HF-B support membranes. 
V.3.2 Characterization of the prepared TFC-HF-FO membranes 
SEM images of the HF support membranes (HF-A and HF-B) and the prepared TFC-
HF-FO membranes (TFC-FO (HF-A) and TFC-FO (HF-B)) are shown in Figure V-4. The 
surface pore size in the SEM images (about 100-200 nm) is larger than that obtained 
from LLP measurements (40-50 nm) because the LLP measurement characterizes the 
bottleneck part of the penetrated pores. As shown in the SEM images, both HF porous 
membranes consist of numerous fibrils with macrovoid-free structures. The surface SEM 
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image of the prepared TFC-HF-FO membrane clearly indicates that the active layer 
formation successfully occurred on the outer surface (shell side) of the HF support 
membrane (Figure V-4 (F) and (L)). On these surfaces, pores disappeared, and uneven 
structures caused by the interfacial polymerization were observed. 
Figure V-5 shows the X-ray photoelectron spectra of the HF support membrane (HF-
A) and the prepared TFC-HF-FO membrane (TFC-FO (HF-A)). The XPS results are 
consistent with active-layer formation on the HF support because a N-atom peak, 
originating from the aromatic polyamide active layer, appears after the interfacial 
polymerization procedure. The chemical compositions obtained from XPS analysis are 
shown in Table V-2. The O/N ratios of the two prepared TFC-HF-FO membranes were 
similar and were about 1.78. Because this O/N ratio is related to the degree of cross-
linking of the polyamide in the active layer [23, 24], I conclude that polyamide layers 
with a similar degree of cross-linking were formed on the two HF support membranes. 
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Figure V-4. SEM images of the HF support membranes and the prepared TFC-HF-FO 
membranes. (A)–(C): HF-A (Original), (D)–(F): TFC-FO (HF-A), (G)–(I): HF-B (Original), 
(J)–(L): TFC-FO (HF-B); (A), (D), (G), and (J): cross section, (B), (E), (H), and (K): inner 
surface of HF membrane, (C), (F), (I), and (L): outer surface of HF membrane. 
 
 
Figure V-5. X-ray photoelectron spectra of the HF support membrane and 
prepared TFC-HF-FO membrane. 
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Table V-2 Chemical composition calculated from XPS measurement. 
 
 
 
 
V.3.3 FO performance of the TFC-HF-FO membranes 
Figures V-6 (a)-(c) show the DS-concentration (CDS) dependence of the FO flux Jw, 
reverse salt flux Js, and the flux ratio Jw/Js of the TFC-FO (HF-A) and TFC-FO (HF-B) 
membranes in the AL-DS orientation. The theoretical fitting lines using the intrinsic 
membrane parameters obtained by the FO fitting method are drawn in Figure V-6 as 
solid lines. The intrinsic membrane parameters obtained are listed in Table V-3. In this 
Table, water and salt permeability coefficients (A and B), which are the parameters of 
active layer characteristics, would be the same because of the same procedure of 
interfacial polymerization. However, when the support layer morphologies are different, 
it is well known that both A and B are different even though the interfacial 
polymerization procedure is the same [4]. Therefore, their active-layer characteristics 
are slightly different because of structural differences between HF-A and HF-B. The 
parameters of the TFC-FO (HF-A) and (HF-B) membranes were obtained by FO fitting 
of the data in AL-DS orientation. In the case of the TFC-FO (HF-A) membrane, the inner 
diameter of the membrane was too small; this resulted in a serious bore-side pressure 
drop in the AL-FS orientation where water permeated from shell side to bore side. I 
HF membranes C [%] O [%] N [%] O/N ratio [-] 
HF-A (Original) 77.9 22.1 0 ― 
TFC-FO (HF-A) 72.1 17.9 10 1.79 
HF-B (Original) 71.6 28.4 0 ― 
TFC-FO (HF-B) 72.3 17.7 10 1.77 
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adopted the FO-fitting method for the data obtained in the AL-DS orientation. As shown 
in Figures V-6 (a) and (b), Jw and Js of the TFC-FO (HF-A) membrane were higher than 
those of the TFC-FO (HF-B) membrane. Since the active-layer characteristics of TFC-
FO (HF-A) and TFC-FO (HF-B) were not much different, this flux difference was due to 
the difference in the support layer morphology. Higher porosity, low tortuosity, and 
lower thickness are preferable to achieve higher FO flux [25, 26]. However, the porosity 
of HF-A was slightly lower than that of HF-B, as shown in Table V-1. Therefore, the 
lower structure parameter S of HF-A (shown in Table V-3) was attributable to the lower 
thickness. The lower S value of the TFC-FO (HF-A) membrane caused the higher value 
of Jw as shown in Figure V-6 (a). On the other hand, the ratio Jw/Js of both TFC-FO 
membranes is independent of DS concentration as shown in Figure V-6 (c). This is 
because Jw/Js has a proportionate relationship to A/B, and it is not affected by CDS as 
shown in Eq. (V-10). TFC-FO (HF-B) has a higher value of Jw/Js because of higher A and 
lower B values than those of TFC-FO (HF-A). 
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Figure V-6. FO flux (a), reverse salt flux (b), and flux ratio (c) of the prepared TFC-FO 
membranes in AL-DS orientation. 
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 Table V-3. The intrinsic membrane parameters obtained by FO-fitting method. 
 
Figure V-7 shows the relationship between the bore-side pressure drop calculated 
using the Hagen-Poiseuille equation (Eq. (V-6)) and the inner diameter of the HF 
membrane. The experimental data of the prepared TFC-FO membranes are also plotted 
in this figure. The bore-side pressure drop strongly depended on the inner diameter of 
the HF membrane when the inner HF diameter was less than about 600 m at a bore-
side inlet flow rate of 15 mL/min (Crossflow velocity (CFV) =0.85 m/s). In the case of AL-
FS operation, this pressure drop must have a negative effect on the FO flux because the 
higher pressure of the DS side hinders FO water permeation [27]. By using the HF 
membranes in this study, the pressure difference across the membrane was negligible 
because the pressure drop was much lower than osmotic pressure difference. On the 
other hands, in the case of a high pressure drop, a stronger pump is required for 
supplying solution. Therefore, the much smaller inner diameter of HF membranes is not 
suitable for practical applications.  
Figure V-8 shows the relationship between the pressure resistance and the outer 
diameter of the HF membrane. In this figure, measured data from both TFC-FO (HF-A) 
and TFC-FO (HF-B) membranes are plotted. The pressure resistance of TFC-FO (HF-A) 
was about 1.0 MPa, while that of TFC-FO (HF-B) was about 0.5 MPa. The maximum 
burst pressure (Pmax) against the hydraulic force from shell side to bore side is expressed 
by Barlow’s equation as follows [28]: 
Sample 
membranes 
Water 
permeability 
coefficient, A 
[LMH/bar] 
Salt permeability 
coefficient, B 
[LMH] 
Structural 
parameter, S 
[m] 
TFC-FO (HF-A) 1.2 0.265 250 
TFC-FO (HF-B) 0.9 0.125 521 
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where Tm is the membrane thickness, dout is the outer diameter of the HF membrane, SF 
is the safety factor (usually SF = 1 [28, 29]), and σy is the maximum tensile stress. Here, 
the value of σy was 1.85 MPa as determined by fitting the experimental data of the TFC-
FO (HF-A) membrane. Solid lines in Figure V-8 represent the calculated values from 
Barlow’s equation using the same σy of 1.85 for both the HF-A and HF-B cases. In the 
case of TFC-FO (HF-B), the experimental data are clearly lower than the calculated line 
from Barlow’s equation. The theoretical prediction from Eq. (V-12) indicates that the 
pressure resistance of TFC-FO (HF-B) would be higher than that of TFC-FO (HF-A) 
because this membrane has larger thickness Tm. One of the reasons for this 
disagreement could be the asymmetric morphology of the TFC-FO membranes, which 
was not considered in Barlow’s equation. The prepared TFC-FO membrane had an 
asymmetric structure including a dense skin layer and loose segments in the porous 
support, as shown in the supporting information. In the case of an asymmetric structure, 
the most effective mechanical aspect preventing compactive deformation would be the 
partially dense portion of the support membrane. Therefore, the whole thickness of the 
asymmetric HF membrane does not contribute to the pressure resistance against the 
compactive deformation. If I take the skin layer (sum of support skin layer and active 
layer) thickness as Tm in Eq. (V-12), the values of Tm are similar for both the TFC-FO 
(HF-B) and TFC-FO (HF-A) membranes because the same interfacial polymerization 
procedure was done for both membranes. In this situation, according to Eq. (V-12), TFC-
FO (HF-A) exhibits higher pressure resistance because it has a small value of dout. The 
experimental data from the TFC-FO (HF-B) membrane shown in Figure V-8 are located 
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on the line calculated using the data of TFC-FO (HF-B). This supports the assumption 
that both TFC-FO (HF-A) and TFC-FO (HF-B) have similar Tm values. Thus, with regard 
to the TFC-HF-FO membrane, the membrane with the smaller diameter is preferable; it 
exhibits higher pressure resistance as well as higher FO flux because of the lower S value. 
 
Figure V-7. Relation between the inner pressure drop and the inner diameter of HF.  
 
Figure V-8. Relationship between pressure resistance and the outer diameter of the 
prepared TFC-HF-FO membrane. 
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V.3.4. Comparison of the FO performances with those in the literature 
Figure V-9 shows the relationship between water flux (Jw) and reverse salt flux (Js) of 
the prepared TFC-FO membrane and the HF FO membranes recently reported in the 
literature [3, 30-36]. Because higher water flux and lower reverse salt flux are preferable, 
the upper left part of this graph shows the better data. My fabricated HF membranes 
with smaller diameter (TFC-FO (HF-A)) showed one of the highest FO performances 
among the HF FO membranes in the literature. 
 
Figure V-9 Relationship between water flux and reverse salt flux of TFC-FO-HF 
membranes. All data were obtained in AL-DS orientation;  
a): CDS = 1.0 M, b): CDS = 0.5 M.  
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V.4 Conclusions 
In this study, I prepared TFC-HF-FO membranes by using porous polyketone HF 
supports having different diameters. The FO performances of the prepared HF FO 
membranes were measured and were then analyzed using the FO-fitting method for 
estimation of their intrinsic membrane parameters. The prepared HF FO membrane 
with smaller diameter (TFC-FO (HF-A)) showed higher FO flux because of the smaller 
S value. This TFC-FO (HF-A) membrane also showed better mechanical properties. Thus, 
hollow fiber support with a smaller diameter is preferable for TFC FO membrane 
preparation to obtain higher FO flux and pressure resistance. However, the bore-side 
pressure drop is also higher, which leads to higher energy consumption by the pump. 
Thus, from the viewpoints of membrane performance and energy consumption, an 
optimum hollow-fiber diameter exists. The prepared TFC-HF-FO membrane with 
smaller diameter showed one of highest FO fluxes among the HF FO membranes in the 
literature. 
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V.Appendix 
V.Appendix-I The ross-sectional SEM images of the TFC-FO (HF-B) membrane. 
Figure V-A1 shows cross-sectional SEM images of the TFC-FO (HF-B) membrane. The 
magnified views near the inner and outer surface and at the middle are also shown in 
this figure. In this membrane, the polyamide skin layer was formed on the outer surface, 
and the porous structure could be observed in the middle part of the membrane. 
Therefore, the TFC-FO membrane has an asymmetic structure. 
  
Figure. V-A1. Cross sectional SEM images of the TFC-FO (HF-B) with the magnified 
views near the inner (a) and outer (c) surface, and at the middle part (b). 
b) 
a) 
c) 
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V.Appendix-II The contact angle between the liquid and membrane material. 
Figure V-A2 shows illustration of the contact angle between the liquid and membrane 
material. where γL1/L2 is interfacial tension. γs/L2 is the surface tension of solid 
(membrane)/liquid-2 interface and γs/L1 is the surface tension of solid (membrane)/liquid-
1 interface. Futhermore, equilibrium between surface tensions (γs/L2 – γs/L1 =γL1/L2 cosθ) 
as shown in the following figure. Additonally, cosθ = ((γs/L2 – γs/L1)/ γL1/L2), γs/L2 is higher 
thanγs/L1 in this case, so that cosθ is close to 1. Therefore, cosθ can be assumed to be zero.  
 
Figure V-A2. Illustration of the contact angle between the liquid and membrane material. 
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Chapter VI 
Up-concentration of sugars in pretreated-rice 
straw by forward osmosis concentration method 
 
VI.1 Introduction 
The forward osmosis (FO) process has the other problem such as adjustment for the 
industrial application. Many researchers investigated that “what is suitable process for 
forward osmosis”. In the previous reports, seawater desalination [1-3], wastewater 
treatment [4] and enrichment of product [5].Consequently, I proposed that FO process 
was employed for the first time for bioethanol production from lignocellulosic biomass.  
Bioethanol production from lignocellulosic biomass, such as rice straw, has drawn 
attention [6]. The bioethanol production process mainly consists of the following steps: 
pretreatment of lignocellulosic biomass, hydrolysis, sugar fermentation, recovery, and 
purification of ethanol. For commercializing cellulosic ethanol production, ethanol 
concentration obtained after fermentation should be increased in order to decrease the 
energy consumption by post-stage purification processes. To achieve this, a culture broth 
containing a high concentration of sugars is needed prior to the ethanol fermentation 
step. However, sugars derived from hemicellulose are present in a low concentration in 
the liquid fraction after hot-water pretreatment of rice straw [7]. Membrane technologies 
are simple processes and can be easily scaled up, and hence, they are commonly used to 
obtain solutions containing high concentrations of sugars from pretreated lignocellulosic 
biomass [8]. Pressure-driven membrane processes, such as nanofiltration (NF), have 
often been used to concentrate sugars in the liquid fraction of pretreated lignocellulosic 
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biomass [7, 9]. However, concentrating sugars with these systems is difficult because of 
the technical limitations caused by applying pressure to these systems [7, 9]. On the 
other hands, the FO process can also yield higher concentration of the treated feed 
solution than the pressure-driven membrane processes by using a high osmotic pressure 
solution as the DS [12].  
In this study, up-concentration of sugars in the liquid fraction of hot water-pretreated 
rice straw was investigated using the FO process. A permeation test was performed using 
a flat sheet membrane cell to evaluate the performance of the commercial FO membrane. 
First, three types of DSs were examined to permeate water using the model sugar 
solution containing mainly xylose. After determining the suitable DS for this process, I 
used the actual liquid fraction of hot water-pretreated rice straw as the FS. Finally, I 
evaluated ethanol fermentation from the up-concentrated sugar solution using xylose-
assimilating Saccharomyces cerevisiae strain [7]. 
 
VI.2 Experimental 
VI.2.1 Materials and chemicals 
VI.2.1.1 Feed solution 
Rice straw pretreated with liquid hot water [13], under pressures below 10 MPa and 
at high temperatures (130-300 °C), was provided by Mitsubishi Heavy Industries, Ltd. 
(Tokyo, Japan). The liquid fraction (pH: 4.1) was separated from the solid fraction by a 
mesh filter and used as the solution containing mainly hemicellulosic sugars. 
Additionally, a model sugar solution was prepared from 20 g/L xylose (Wako Pure 
Chemical Industries, Ltd.) and 0.45 g/L acetic acid (Wako Pure Chemical Industries, 
Ltd.). The pH of the model sugar solution was 5.2.  
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VI.2.1.2 Draw solution 
A switchable polarity solvent (SPS) was used as the draw solute in this study. The 
transition of an SPS from being water miscible to water immiscible depends on the 
presence or absence of carbon dioxide (CO2), respectively [14]. A high osmotic pressure 
can be generated when the SPS solute is in its polar form. Triethylamine-carbon dioxide 
(TEA-CO2) and trimethylamine-carbon dioxide (TMA-CO2) were utilized as SPS solutes 
and evaluated by FO experiments. These amine-type solutions (TEA-CO2 and TMA-CO2) 
were used as DSs after bubbling CO2 for in them 48 h. The performances of these amine-
type solutions were compared with that of an inorganic salt solution, namely, sodium 
chloride (NaCl).  
 
VI.2.2 FO performance test  
The TFC-ES membrane was purchased from Hydration Technology Innovation (HTI) 
and the membrane performance was evaluated with an apparatus schematically 
illustrated in Figure VI-1. The DS side flow was supplied by a low-pressure pump 
(AQUATEC CDP-8841), while the FS side flow was supplied by a low-pressure pump 
(Nitto Kohki Co. Ltd, BHP-474G). To make the DS and FS solutions uniform, the 
contents of the DS and FS tanks were continuously stirred with a magnetic stirrer. The 
inlet DS concentration was kept constant by using a concentration control unit during 
the experiment. To investigate the type and concentration of the DS, the active layer of 
the FO membrane was oriented toward the FS (AL-FS mode) and the support layer was 
oriented toward the DS. The DS inlet flow rate and the FS inlet flow rate were 0.75 L/min 
and 0.04 L/min, respectively. The water flux (Jw) was calculated by measuring the 
reduction in the FS volume using a real-time data logging system connected to a personal 
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computer. After the experiments, concentrations of sugars (glucose, xylose, and fructose) 
and fermentation inhibitors (acetate, formate, furfural, and 5-HMF) in the solutions 
were determined by using a previously reported method [7, 15]. 
 
 
 
VI.2.3 Ethanol fermentation 
S. cerevisiae strain MN8140X/TF-TF harboring a PlUX1X2XK plasmid (URA3, 
intracellular co-expression of xylose reductase and xylitol dehydrogenase from Pichia 
stipitis (P. stipitis) and xylulokinase from S. cerevisiae genes) was used for ethanol 
fermentation [16]. S. cerevisiae was aerobically precultivated for 24 h at 30 °C and 150 
rpm in 5 mL of yeast extract-polypeptone-glucose (YPD) medium (10 g/L yeast extract, 
20 g/L polypeptone, 20 g/L glucose), and then cultivated for 72 h in 500 mL of yeast 
extract-polypeptone-xylose (YPX) medium (10 g/L yeast extract, 20 g/L polypeptone, 20 
g/L xylose) at 30 °C and 150 rpm. The cells were collected by centrifugation at 3000×g at 
4 °C for 10 min and washed twice with distilled water. The pH of the liquid fraction of 
hot water-pretreated rice straw after concentration was adjusted to 5.5 using 5 M HCl. 
S. cerevisiae was inoculated into solutions containing yeast extract (final concentration: 
Figure VI-1. Schematic illustration of the FO performance 
evaluation system to up-concentrate sugars in the solution.  
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10 g/L), peptone (final concentration: 20 g/L), 8 g/L hemicellulase (G-Amano, Amano 
Enzyme, Japan), and 800 mL/L hemicellulosic solution concentrated by the FO 
membrane. The initial concentration of S. cerevisiae was 50 g/L of wet cells, 
corresponding to 10 g/L of dry cells. Ethanol fermentation was performed under oxygen-
limited conditions at 35 °C, with mild agitation, in 50 mL bottles equipped with an outlet 
for CO2. Sampling was conducted at 0, 3, 6, 9, 24, and 48 h. 
 
VI.3 Results and discussion 
VI.3.1 Effect of DS for the model sugar solution 
Three types of DSs (TEA, TMA, and NaCl) were compared to choose the suitable DS 
for the sugar concentration process. Many researchers have used inorganic salts as DSs 
because of their high osmotic pressure [17]. However, these inorganic salts were difficult 
to regenerate and recover. Thus, I investigated the effect of SPSs (namely, TEA and 
TMA) as DSs on the sugar concentration. The variation of Jw and FS concentration ratio 
as a function of elapsed time using the three types of DS solutes is shown in Figure VI-
2. Jw decreases with elapsed time due to increase in the osmotic pressure on the FS side 
and decrease in the driving force for water transport. As expected, Jw was highest when 
NaCl was used as the DS because of its high diffusivity. In contrast, Jw was least when 
TMA was used as the DS. In this case, Jw was restricted due to leakage of TMA, which 
decreased the osmotic pressure difference between the DS and FS. Xylose concentrations 
and pH after concentration of the FS for 48 h are listed in Table VI-1. The final xylose 
concentrations are approximately 172 and 191 g/L when using 3.6 M TEA and 2.5 M 
NaCl as the DS, respectively. These concentrations are about eight times higher than 
the initial concentration. When the amine solutions (TMA and TEA) are used, the pH of 
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the FS side increases because of the leakage of these DSs (initial pH: 10) from the DS 
side to the FS side. With the inorganic solution (NaCl) as the DS, the pH of the FS side 
decreases due to the presence of/increase in acetic acid concentration in the FS. For the 
subsequent experiments, 3.6 M TEA was chosen as the suitable DS because diluted TEA 
is easily regenerated on desorption of CO2 and the final FS concentration ratio using 
TEA was similar to that obtained with NaCl as the DS. Moreover, 3.6 M was also the 
maximum concentration investigated for TEA-CO2, and a maximum in the FS 
concentration ratio was achieved using it as the DS (Appendix, Figure A1 and Table A1). 
 
 
 
 
 
 
 
 
Figure VI-2. Schematic illustration of the FO performance 
evaluation system to up-concentrate sugars in the solution  
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VI.3.2 Effect of the up-concentration time on the actual solution 
Variations in the Jw and FS concentration ratio as a function of the elapsed time using 
the actual liquid fraction of hot water-pretreated rice straw are shown in Figure VI-3. 
Similar to Figure VI-2, Jw decreases and FS concentration ratio increases as the time 
elapses. However, the initial Jw of the liquid fraction of hot water-pretreated rice straw 
is lower than that of the model sugar solution using the same concentration (3.6 M) of 
TEA because the osmotic pressure of the former is higher than that of the latter. Thus, 
the liquid fraction requires a longer up-concentration time than the model sugar solution 
to achieve the same FS concentration ratio. Table VI-2 lists the sugar concentrations 
obtained in this study after the FO concentration of the liquid fraction of hot water-
pretreated rice straw. The starting liquid fraction contained 199 mM of sugars. As can 
be seen from the table, the total sugar concentration increased as the water permeation 
time elapsed. Finally, after 72 h of FO, sugar concentration of 1612 mM was achieved, 
which is much higher than that attained by NF in previously reported studies [7, 9, 18, 
19]. Therefore, this affirms the possibility of the application of an FO system to obtain 
solutions containing a high concentration of sugars. In addition, it was possible to control 
the FS concentration ratio by regulating the water permeation time.  
DS type 
Xylose concentration in FS 
[g/L] 
pH (FS side) 
Before After 
TEA (3.6 M) 172 
5.2 
8.8 
TMA (4.2 M) 35.2 8.8 
NaCl (2.5 M) 191 4.4 
Table VI-1 Xylose concentration and pH after concentration of the model 
sugar solution (i.e., FS) for 48 h using three types of DSs. Initial xylose 
concentration was 20 g/L. 
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Sample Pretreatment 
Membrane 
process 
Concentrated 
sugars 
[mM] 
Applied 
pressure 
[MPa] 
Reference 
Rice straw Liquid hot water 
FO for 48 h 825 0 
This 
work 
FO for 72 h 1612 0 
This 
work 
NF 792 2.8 [7] 
Wheat straw 
Steam explosion 
and enzymatic 
hydrolysis 
UF→NF 612 
4.5 (UF), 
3.5 (NF) 
[19] 
Rice straw Diluted acid NF 407 3.4 [9] 
Model solution ― NF 763 3.5 [18] 
Figure VI-3. Water flux (Jw) and FS concentration ratio using liquid 
fraction of hot water-pretreated rice straw as FS. The active layer of 
the FO membrane was oriented toward the FS (AL-FS). 
 
Table VI-2 Concentration of sugars obtained in this study and those reported in the literature 
after the membrane separation process. 
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VI.3.3 Ethanol fermentation from hot-water pretreated rice straw after FO con-
centration 
 Ethanol fermentation was conducted for the liquid fraction of hot water-pretreated 
rice straw after FO concentration. The viscosity of the liquid fraction after 72 h 
concentration by FO (FO-72 h) was found to be too high to be evaluated for ethanol 
fermentation by S. cerevisiae; therefore, the liquid fraction after 48 h concentration by 
FO (FO-48 h) with a relatively low viscosity was used for the fermentation test. 
Simultaneous saccharification and fermentation were performed. Variation of the 
concentration of ethanol and the monomeric sugars as a function of elapsed time by using 
S. cerevisiae strain MN8140X/TF-TF is shown in Figure VI-4. This plot illustrates that 
the concentrations of glucose and fructose decrease and that of ethanol simultaneously 
increases with time. 17.7 g/L of ethanol is produced from the liquid fraction after FO 
concentration, and this value is greater than that obtained by the original liquid fraction 
without FO concentration (10.8 g/L). In addition, I calculated the ethanol yield as grams 
of ethanol produced per gram of total monomeric sugars consumed. The ethanol yield 
obtained from the liquid fraction after FO concentration was 0.25, which was similar to 
that obtained from the liquid fraction after NF concentration (0.26) in my previous study 
[7]. Considering that the ideal ethanol yield is 0.51 [7], ethanol fermentation from the 
liquid fraction after FO concentration is inhibited. Concentrations of the fermentation 
inhibitors (acetate, formate, furfural, and 5-HMF) increased with water permeation time 
(Appendix, Table A2). High concentrations of fermentation inhibitors would inhibit the 
utilization of xylose by xylose-assimilating S. cerevisiae strain MN8140X/TF-TF. 
Therefore, in the future, lower rejection of fermentation inhibitors should be achieved 
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for the FO membrane along with higher rejection of sugars. Such improvements are now 
under progress in our laboratory. 
 
 
VI.4 Conclusions 
 FO concentration was applied to the liquid fraction of hot water-pretreated rice 
straw. 3.6 M TEA was selected as the DS as it yielded a concentration ratio similar to 
that obtained with NaCl for the model sugar solution. FO concentration was more 
effective than the conventional NF concentration in achieving high sugar concentration. 
Thus, FO is a promising technology for concentrating the sugars obtained from 
pretreated lignocellulosic biomass. Xylose-assimilating S. cerevisiae produced 17.7 g/L 
of ethanol from the liquid fraction after FO concentration.  
 
 
 
 
Figure VI-4. Ethanol fermentation by Saccharomyces cerevisiae strain MN8140X/TF-TF. 
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VI. Appendix  
VI. Appendix-I Effect of the DS concentration on the water flux and FS con-
centration ratio. (DS: TEA) 
 
 
Table VI-A1 Xylose concentration and pH after FO concentration for 48 h using various 
concentrations of TEA as the DS. Initial xylose concentration was 20 g/L. 
 
 
TEA concentration as DS 
Xylose concentration in FS 
[g/L] 
pH (FS side) 
Before After 
3.6 M 172 
5.2 
8.8 
2.9 M 58.2 8.8 
2.2 M 59.3 8.8 
1.4 M 46.5 8.7 
0.7 M 35.1 8.7 
Figure VI-A1. Effect of the DS concentration on the water flux and FS concentration ratio 
Here, TEA was used as the DS 
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VI.Appendix-II Fermentation inhibitor concentrations on FO concentration method 
Table VI-A2 Fermentation inhibitor concentrations on FO concentration method 
aLiquid fraction of hot water-pretreated rice straw 
bLiquid fraction of hot water-pretreated rice straw after FO concentration for 48 h 
cLiquid fraction of hot water-pretreated rice straw after FO concentration for 72 h 
 
 
 
 
 
 
 
 
 
 
 
Samples 
Acetic acid 
[mM] 
Formic acid 
[mM] 
Furfural 
[mM] 
HMF 
[mM] 
Raw liquid fractiona 44.23 35.49 2.9 2.3 
FO-48 hb 94.3 30.5 7.1 3.3 
FO-72 hc 275 81.8 5.76 8.7 
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Chapter VII 
Construction of combinational nanofiltration and 
forward osmosis process for ethanol production 
from pretreated rice straw 
 
VII.1 Introduction 
 In chapter VI, the forward osmosis (FO) process was introduced to the bio-ethanol 
production process. The role of FO process was the concentration of sugar solution before 
the ethanol fermentation. The total sugar concentration of FO method was 8 times 
higher than the original sugar concentration. This results suggested that the FO process 
was one of the effective methods for the up-concentration of the sugar solution. However, 
the fermentation inhibitor were concentrated during the up-concentration process, and 
then the ethanol didn’t be produced though there were the large amount of sugars at in 
the culture growth. 
 In this study, I investigated that more effective method for the ethanol fermentation. 
To compare the membrane separation technologies (FO and NF), the effects of up-
concentrated monomeric sugars and fermentation inhibitors concentrations were 
evaluated with the actual sugar solution which was originated from pretreated rice straw. 
Moreover, I proposed the novel pretreatment system such as NF-FO hybrid system for 
the ethanol fermentation. The performance of this system for the sugars and the 
inhibitors concentrations were evaluated. Finally, the energy consumption to regenerate 
draw solution (DS) was calculated by using a commercial chemical process modeling 
software. 
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VII.2 Experimental 
VII.2.1 Membrane  
A commercial FO membrane (TFC-ES) was purchased from Hydration Technology 
Innovation (HTI). A commercial polyamide NF membrane (ESNA3) was obtained from 
Nitto Denko Corporation. The membrane structure of TFC-ES and ESNA3 is composite. 
Concentration performance test was carried out using flat sheet membrane test cells. 
The effective membrane area of FO and NF is 43 and 32 cm2 in the membrane test cells, 
respectively. 
VII.2.2 FO concentration 
FO concentration was conducted for 72 h with a water permeation apparatus which 
have already set up in chapter VI. Feed solution (FS) was liquid fraction of rice straw 
pretreated by liquid hot water [1] under pressuring below 10 MPa at high temperature 
(160-240 oC) was provided from Mitsubishi Heavy Industries, Ltd. (Tokyo, Japan). The 
liquid fraction (pH: 4.1) containing mainly hemicellulosic sugars was separated from the 
solid fraction through a mesh filter. Before FO concentration, oligomeric sugars in the 
liquid fraction was hydrolyzed with 10 g/L hemicelluase (G-Amano, Amano Enzyme, 
Japan) by shaking 75 rpm at 37 oC for 48 h. Lignin precipitate produced during 
enzymatic hydrolysis was removed by centrifugation at 1000×g at 4°C for 10 min [2] and 
the supernatant was supplied as feed solution (FS) of FO concentration.  Draw solution 
(DS) was chosen 3.6 M triethylamine (TEA) in chapter VI. After the experiments, 
concentrations of sugars (glucose, xylose, and fructose) and fermentation inhibitors 
(acetic acid, formic acid, furfural, and 5-HMF) in the solutions were determined by using 
a previously reported method [3, 4].  
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VII.2.3 NF concentration 
Liquid fraction of rice straw pretreated by hot water was directly applied as Feed. NF 
concentration was conducted with a water permeation apparatus as described [2]. 
Permeation test was carried out using a membrane cell (C40-B; Nitto Denko 
Corporation) at room temperature. A membrane cell (C40-B; Nitto Denko Corporation) 
was operated at room temperature. The membrane cell was put on a magnetic stirrer 
and feed solution was stirred at 800 rpm by embedded magnetic spin blade in the 
membrane cell. Applied pressure was 3.0 MPa by using nitrogen gas and pressure control 
valve. 2 types of NF concentration were used as follows: (1) NF concentration for 24 h 
(named as Cycle 1), and (2) NF concentration for 24 h → [5times dilution → NF 
concentration for 24 h] × 2 (named as Cycle 3). After NF concentration, the concentrate 
was enzymatically hydrolyzed as described above.  
VII.2.4 NF(+H2O)-FO hybrid process 
The liquid fraction of rice straw pretreated by hot water was concentrated by NF(+H2O)-
FO hybrid system (Figure VII-5). Firstly, NF with water addition was conducted for 90 
h with using ESNA3 NF membrane and MEMBRANE MASTER C70-F RO test cell 
(Nitto Denko Corporation) (Figure VII-A2). Applied pressure was 2.0 MPa by using 
nitrogen gas and pressure control valve. Distilled water was supplied into the membrane 
cell. The supplied volume of distilled water was controlled to be equal to the permeated 
volume, to maintain the inside volume of membrane cell. NF(+H2O) concentrate was 
enzymatically hydrolyzed and centrifuged to remove lignin precipitate as described 
above. Finally, the supernatant was concentrated by FO membrane for 72 h has 
described above. 
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VII.2.5 Ethanol fermentation 
S. cerevisiae strain MN8140X/TF-TF harboring a PlUX1X2XK plasmid (URA3, 
intracellular co-expression of xylose reductase and xylitol dehydrogenase from Pichia 
stipitis (P. stipitis) and xylulokinase from S. cerevisiae genes) was used for ethanol 
fermentation [5]. The diploid xylose-fermenting strain MN8140X/TF-TF also co-
expresses the transaldolase and formic acid dehydrogenase genes from S. cerevisiae for 
increased tolerance against acetice acid and formic acid [5]. S. cerevisiae was aerobically 
precultivated for 24 h at 30 °C and 150 rpm in 5 mL of yeast extract-polypeptone-glucose 
(YPD) medium (10 g/L yeast extract, 20 g/L polypeptone, 20 g/L glucose), and then 
cultivated for 72 h in 500 mL of yeast extract-polypeptone-xylose (YPX) medium (10 g/L 
yeast extract, 20 g/L polypeptone, 20 g/L xylose) at 30 °C and 150 rpm. The cells were 
collected by centrifugation at 3000×g at 4 °C for 10 min and washed twice with distilled 
water. The pH of the liquid fraction of hot water-pretreated rice straw after 
concentration was adjusted to 5.5 using 5 M HCl. S. cerevisiae was inoculated into 
solutions containing yeast extract (final concentration: 10 g/L), peptone (final 
concentration: 20 g/L) and 800 mL/L hemicellulosic solution concentrated by the FO 
membrane. The initial concentration of S. cerevisiae was 50 g/L of wet cells, 
corresponding to 10 g/L of dry cells. Ethanol fermentation was performed under oxygen-
limited conditions at 30 °C, with mild agitation, in 50 mL bottles equipped with an outlet 
for CO2. Sampling was conducted at 0, 3, 6, 9, 24, 48 h and 72 h. Glucose, fructose, xylose, 
glycerol, and xylitol were analyzed using a high-performance liquid chromatograph 
(HPLC) (Shimadzu, Kyoto, Japan) equipped with a Shim-pack SPR-Pb column 
(Shimadzu) and an RID-10A refractive index detector (Shimadzu) as described [5]. 
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Ethanol was measured on the same HPLC system equipped with an Aminex HPX-87H 
column (Bio-Rad Laboratories, Hercules, CA, USA) as described [2]. 
 
VII.2.6 Modeling of switchable polarity solvent as draw solution separation 
The thermal energy requirement for the separation of the switchable polarity solvent 
as draw solutions was analyzed using a commercial chemical process modeling software 
(AspenHYSYS, Cambridge, MA), in combination with an OLI-electrolyte fluid package 
(MorrisPlains, NJ) [6]. A single vacuum distillation system comprising total-reflux 
stripping column, heat exchanger, condenser, reboiler, and circulation pump was used 
in HYSYS simulation [6]. The modeling results include the required heat duties for 
separation and regeneration of draw solute in the distillation column and heat exchanger 
for the preparation of the feed stream to the distillation. 
 
VII.3 Results and discussion 
VII.3.1 FO permeation test 
The water flux and FS concentration ratio as a function of elapsed time under the 
actual solution are shown in Figure VII-1. The water flux decreased and FS 
concentration ratio increased with increasing elapsed time due to the decrease in osmotic 
pressure difference after FS concentration. In this figure, the dotted line represents the 
ideal FS concentration line, assuming that there were no sugars leakage. However, in 
practical filtration some sugars went through the FO membrane from the FS to the DS. 
The fermentation inhibitor (acetic acid, formic acid, furfural and 5-HMF) concentration 
in the actual sugar solution also increased with increasing water permeation time. The 
concentration ratio of the inhibitors smaller than that of the sugar solution, suggesting 
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that the FO membrane has a permselectivity between the sugars and the inhibitors. In 
particular,, it is important for the fermentation test to decrease absolute amount of the 
inhibitors. In the actual sugar solution, both acetic acid and formic acid were larger 
amount than the other inhibitors. Therefore, to achieve the higher ethanol concentration 
by utilizing FO system which need to play a role to not only concentrate the sugar but 
also decrease the acetic acid and formic acid concentration. 
 
 
VII.3.2 Evaluation of permselectivity between sugars and fermentation inhibitors by 
using two types of commercial membranes 
 It was important to separate fermentable sugars (glucose, xylose and fructose) from 
fermentation inhibitors, which were contained in the liquid fraction of rice straw 
pretreated with hot water [1, 3]. Acetic acid was contained at the highest level within 
fermentation inhibitors in liquid fraction of pretreated rice straw. The permselectivity of 
sugars against acetic acid was compared between NF and FO membranes. Figure VII-2 
showed the relationship between sugar concentration and that of acetic acid in the 
DS: 3.6 TEA 
Figure VII-1. Water flux, Jw, and sugar concentration ratio. The liquid fraction 
of rice straw pretreated by hot water after enzymatic hydrolysis was applied as 
feed solution (FS) onto commercial forward osmosis (FO) membrane, TFC-ES. 
Dotted line shows ideal FS concentration ratio. 
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concentrated feed solution, i.e., liquid fraction of pretreated rice straw. The black line in 
Figure VII-2 describes the situation that the permselectivity was equal between sugars 
and acetic acid. Compared to the black line, sugar concentration ratio was higher than 
acetic acid concentration ratio using both types of membranes. Moreover, the 
permselectivity of commercial NF membrane (ESNA3) against acetic acid was much 
higher than that of commercial FO membrane (TFC-ES). Membrane structure of TFC-
ES was similar to the reverse osmosis (RO) membrane [7] and the rejection of TFC-ES 
membrane against sodium chloride would be higher than that of ESNA3 membrane. 
Thus, NF membrane was more adequate to remove fermentation inhibitors than FO 
membrane. 
 
 
VII.3.3 Application of FO concentration 
The ethanol fermentation from hot-water pretreated rice straw after FO concentration 
(72h) was evaluated. Figure VII-3 showed that the sugars and ethanol concentration on 
the fermentation test. The sugars and ethanol concentration were almost constant with 
Figure VII-2. Relationship between the sugars concentration and the acetic acid 
concentration in the concentrated feed solution using two types of commercial membrane, 
NF (nanofiltration) and FO (forward osmosis). TFC-ES membrane: FO, and ESNA3 
membrane: NF. 
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elapsed time. The production of the ethanol was only 1.08 g/L and the large amount of 
sugars were remained at the solution. In this case, both of sugar and inhibitors 
concentration increased during FO concentration test. The inhibitors concentration were 
listed in Table VII-1 and acetic acid concentration was quite a few due to strong 
electrostatic repulsion between the molecule of acetic acid and membrane surface. 
Additionally, the viscosity of the solution which was increased after FO concentration 
was originated by fermentation inhibitors. This is the reason why the model sugar 
solution including only glucose (20 g/L), xylose (20 g/L) was not change its viscosity. The 
viscosity of the solution was negative effect for the fermentation test. Additionally, the 
effect of DS leakage such as TEA was investigated and resulting in Figure VII-A1. This 
result suggested that the amount of leakage TEA was no effect for the ethanol 
fermentation test. Therefore, FO concentration method by using current commercial FO 
membrane was difficult to produce the high ethanol concentration on the fermentation 
test. 
 
 
Figure VII-3. The sugars and ethanol concentration during the 
fermentation by S. cerevisiae MN8140X/TF-TF. The liquid fraction of 
rice straw pretreated by hot water was fermented after enzymatic 
hydrolysis and FO concentration. 
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VII.3.4 Application of NF concentration 
 In the previous report, to remove fermentation inhibitors and improve ethanol 
production by S. cerevisiae, NF concentration, followed by 2 repetitions of dilution and 
NF concentration, was proposed using a flat type of the membrane test cell [2]. Repeated 
NF concentration and dilution was re-applied on the liquid fraction of rice straw 
pretreated by hot water before the ethanol fermentation. Liquid fraction was 
concentrated by NF membrane at 3.0 MPa for total 72 h (24 h × 3 times) that was 
equivalent time to that operating FO membrane, and supplied to fermentation by xylose-
assimilating S. cerevisiae. If fermentation was initiated after the cycle 1 (one time of NF 
concentration), the ethanol production after 72 h fermentation was 18.5 g/L and the 
ethanol yield (grams of ethanol produced per grams of total monomeric sugars consumed) 
was 0.31 (Figure VII-4). Considering that ideal ethanol yield is 0.51, ethanol 
fermentation was inhibited by the presence of fermentation inhibitors (Table VII-2). By 
introducing 2 repetitions of dilution and NF concentration after NF concentration, 
maximum ethanol concentration after 48 h of fermentation of the concentrated liquid 
fraction was increased to 22 g/L and ethanol yield was also increased to 0.42. This was 
due to decrease in the concentrations of fermentation inhibitors, corresponding to the 
Liquid fractiona 
Fermentation inhibitors [mM] 
Acetic acid Formic acid 5-HMF Furfural 
Original 47.5 38.0 0.55 0.15 
After FO concentration 275 81.4 1.52 0.70 
Table VII-1 Fermentation inhibitors concentration in the liquid fraction of 
rice straw pretreated by hot water before (Original) and after FO 
concentration 
aLiquid fraction of rice straw pretreated by hot water 
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previous study [3]. Ethanol production should be more increased by increasing the 
starting sugar concentration. 
 
 
 
aLiquid fraction of rice straw pretreated by hot water 
bLiquid fraction after NF concentration 
cLiquid fraction after NF concentration followed by 2 repetitions of dilution and NF 
concentration 
 
 
 
 
 
Liquid fractiona 
Fermentation inhibitors [mM] 
Acetic acid Formic acid 5-HMF Furfural 
Original 47.5 38.0 0.55 0.15 
Cycle 1b 53.1 50.0 0.68 0.61 
Cycle 3c 14.8 17.2 0.65 0.62 
Figure VII-4. The sugars and ethanol concentration during the 
fermentation by S. cerevisiae MN8140X/TF-TF. The liquid fraction of rice 
straw pretreated by hot water was fermented after NF concentration 
(Cycle 1) or NF concentration followed by 2 repetitions of dilution and NF 
concentration (Cycle 3).  
Table VII-2 Fermentation inhibitors concentration in the liquid fraction 
of rice straw pretreated by hot water after NF concentration 
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VII.3.5 Application of NF(+H2O)-FO hybrid process 
 NF-FO hybrid process was constructed, based on the above results that NF and FO 
were suitable for removing fermentation inhibitors and concentrating sugars, 
respectively. As described in Figure VII-5, the liquid fraction of rice straw pretreated by 
hot water was at first applied to NF concentration. Water was continuously supplied 
during NF concentration of the liquid fraction (Figure VII-A2) to remove fermentation 
inhibitors. Thereafter, polysaccharides in the liquid fraction concentrated by NF(+H2O) 
process was enzymatically hydrolyzed to monomeric sugars. Finally, this solution was 
concentrated by FO process to increase the concentrations of monomeric sugars. Thus, 
initial sugar concentration after NF(+H2O)-FO hybrid process was higher than that after 
NF process (Table VII-4). Now, the reason why only xylose was obtained after NF(+H2O)-
FO hybrid process was unclear. The liquid fraction after NF(+H2O)-FO hybrid process was 
fermented by xylose-assimilating S. cerevisiae. Although ethanol production was 
increased to 25.6 g/L compared to that from the liquid fraction after NF process, ethanol 
yield was only 0.30. Incomplete xylose consumption would be due to presence of high 
concentration of acetic acid (Table VII-3), because FO membrane concentrated acetic acid. 
Thus, the liquid fraction after NF(+H2O)-FO hybrid process was 1.5 times diluted to 
decrease the concentration of acetic acid (Table VII-3). Ethanol concertation was 24 g/L 
and ethanol yield was increased to 0.43, compared to the result without dilution. 
Therefore, NF(+H2O)-FO hybrid process was effective to increase sugar concentration by 
simultaneously restricting the increase in concentration of fermentation inhibitors. 
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aLiquid fraction of rice straw pretreated by hot water 
 
 
 
 
 
 
 
 
Liquid fractiona 
Fermentation inhibitors [mM] 
Acetic acid Formic acid 
Original 47.5 38.0 
NF(+H2O)-FO 85.6 34.9 
NF(+H2O)-FO 
(1.5 times dilution) 
53.9 23.2 
Figure VII-6. The sugars and ethanol concentration on the fermentation test after 
NF pretreatment with addition of water-FO hybrid system.  
Figure VII-5. Schematic flow of NF (+H2O)-FO hybrid process. 
Table VII-3 Fermentation inhibitors concentration in the liquid fraction of rice straw 
pretreated by hot water before and after NF(+H2O)-FO hybrid process 
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VII.3.6 Energy consumption of the regeneration of TEA-CO2 
 Figure VII-7 shows schematic diagram of FO process by using TEA-CO2 as DS. Energy 
consumption of DS recovery system was calculated by the simulation software. To 
compare the energy consumption of regeneration of TEA-CO2, TMA-CO2 and NH3-CO2 
as DS, distillation process operating under vacuum (0.2 bar) was simulated with diluted 
solution at a temperature 60 oC (Figure VII-8). The setting temperature was represented 
the low-grade heat source [5]. The DS concentration is same condition (ex. 1.0 M of TEA-
CO2, TMA-CO2 and NH3-CO2). Dilution ratio of DS was assumed to be 0.2. This dilution 
flow was heated by the heat exchanger (Heat source) before fed to the distillation column 
which was composed of 12 stage plates, the condenser and reboiler. The feed solution 
was entered into the column at 5th stage [5].  
Membrane process 
Total sugar 
concentration 
[g/L] 
Maximum ethanol 
concentration 
[g/L] 
Ethanol yield 
[-] 
–a 30.7 8.1 0.29 
NF(+H2O)-FO hybrid 107 25.6 0.30 
NF(+H2O)-FO hybrid 
(1.5 times Dilution) 
70.3 24.0 0.43 
NF (Cycle1)b 67.6 18.5 0.31 
NF (Cycle 3)c 65.7 22.0 0.42 
FO 118 1.08 0.01 
Table VII-4 Summary of ethanol concentration and yield obtained after the various 
membrane processes from the liquid fraction of rice straw pretreated by hot water 
aLiquid fraction of rice straw pretreated by hot water 
bNF concentration 
cNF concentration, followed by 2 repetitions of dilution and NF concentration 
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(A) 
(B) 
(C) 
Figure VII-8. Schematic diagram of distillation column simulation to regenerate and recovery for 
switchable polarity solvent (SPS). (A) TEA, (B) NH3, (C) TMA 
Figure VII-7. Schematic diagram of FO process with distillation   
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 The simulation results indicated that thermal energy consumption (which expressed 
as heat duty per m3 of product water) was 300 MJ/m3 for TEA-CO2 regeneration, 303 
MJ/m3 for TMA-CO2 regeneration and 318 MJ/m3 for NH3-CO2 regeneration. The 
thermal energy consumption of TEA-CO2 was lowest among the other DS cases. The 
thermal energy requirement of DS recovery is assumed to be the sum of heat input by 
the heat source and the reboiler minus the heat recovery from the condenser (Table VII-
5). Additionally, the electrical energy requirement of supplied pump in the DS recovery 
system was also calculated. However, the thermal energy much higher than the 
electrical energy. Hence, the electrical energy was relatively negligible. In Table VII-5, 
the three types of draw solutes have similar energy consumption. These energy 
consumption can be decreased by using the low-grade heat sources so that these DSs are 
expected to be used for industrial application.  
 
 
 
 
 
 
 
 
DS 
Heat source 
[MJ/h] 
Condenser 
[MJ/h] 
Reboiler 
[MJ/h] 
Water 
production 
[kg/h] 
Density 
(Water) 
[kg/m3] 
Heat 
duty 
[MJ/m3] 
TMA-CO2 23.9 22.2 1 8.6 989 303 
NH3-CO2 24.9 23.0 1 9.1 989 318 
TEA-CO2 22.8 21.2 1 8.4 989 300 
Table VII-5 Thermal energy consumptions of each DS  
200 
 
VII.4 Conclusions 
 FO concentration method by using current commercial FO membrane was difficult to 
produce high ethanol concentration in the fermentation test meanwhile NF 
concentration method was decreased the fermentation inhibitor concentrations by using 
the cycle NF test. Thus, NF with additive water -FO hybrid process FO was proposed. 
This hybrid process was achieved high sugar concentration and low inhibitor 
concertation so that Xylose-assimilating S. cerevisiae produced 24.0 g/L of ethanol and 
0.43 of ethanol yield. This process is a promising technology for concentrating the sugars 
obtained from pretreated lignocellulosic biomass. 
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VII. Appendix 
VII. Appendix-I Effect of the TEA concentration in culture growth for the ethanol 
fermentation test. 
 
 
 
VII. Appendix-II NF process with water addition 
 
 
  
Figure VII-A1. Ethanol fermentation by S. cerevisiae strain MN8140X/TF-TF from 
Original (liquid fraction of rice straw pretreated by hot water after enzymatic 
hydrolysis), 4.5 mM TEA (Original containing 4.5 mM TEA) and 45 mM TEA 
(Original containing 45 mM TEA). 
 
Figure VII-A2. Schematic illustration of NF process with water addition. 
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Chapter VIII 
Conclusions 
 
In this study, I focused the forward osmosis (FO) technology. The water permeation 
property of the conventional FO membranes was not enough for the industrial use. To 
improve the water permeation on the FO processes. New FO hollow fiber membranes 
were prepared. In addition, the water permeation properties of hollow fiber FO 
membranes with small-scale and large-scale module were investigated both 
experimentally and theoretically on the basis of the membrane parameters such as water 
permeability, salt permeability and structural parameter, and operating conditions. 
Furthermore, I proposed the application for FO process to up-concentration of sugars in 
the bio-ethanol production. The conclusions of this study are summarized below. 
 
1. Effect of operating conditions on osmotic-driven membrane performance of cellulose 
triacetate forward osmosis hollow fiber membrane 
The FO performance of three types of CTA HF membranes with diameters of less than 
200 μm was investigated under different operating conditions i.e., varying DS 
concentrations, DS and FS inlet flow rates, membrane orientations, and temperatures. 
In the AL-FS mode, the water fluxes increased slightly with increasing DS inlet flow 
rates owing to the decreased DS dilution effect caused by water permeation. This DS 
flow rate effect was more pronounced in the membranes with higher water permeability, 
and at higher DS concentrations. The effect of DS concentration and temperature on the 
water flux in ALDS mode was also studied in detail. The experimental data were 
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analyzed by theoretical calculations. More particularly, I considered the DS dilution 
effect in AL-FS mode. The calculated results satisfactorily agreed with the experimental 
data. 
 
2. Effect of operating conditions and membrane structures on the performance of hollow 
fiber forward osmosis membranes in pressure assisted osmosis 
The PAO performances of three types of hollow fiber CTA membranes were 
investigated under different operating conditions, which included applied pressure, DS 
concentration, and DS inlet flow rate. The PAO operation can enhance the water flux 
and reduce the reverse salt flux. The improvement ratio of water flux by the PAO 
operation was increased by increasing the applied pressure and decreasing the DS 
concentration. The theoretical calculation results of the PAO performances were good 
agreement with the experimental data in various conditions. Thus I successfully 
expressed the prediction model including the effect of pressure drop on the water flux.  
 
3. Experimental and theoretical study of a forward osmosis hollow fiber membrane 
module with a cross-wound configuration 
A large-scale FO HF membrane module was experimentally and theoretically 
investigated the FO performance. The module performances strongly depended on the 
operating conditions, such as the inlet flow rate, membrane orientation, salt 
concentration, and DS salt type. Moreover, a simple modified analytical model based on 
the FCP model, in which external concentration polarization and pressure drop were 
considered, was proposed, and the obtained results agreed with the experimental data 
under all conditions. This analytical study provides beneficial knowledge not only for 
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predicting module performance but also HF module design parameters for full-scale FO 
processes. 
 
4. A thin-film composite-hollow fiber forward osmosis membrane with a polyketone 
hollow fiber membrane as a support 
To improve the FO performance of HF FO membranes, porous polyketone HF 
supports with different inner diameters was fabricated. The prepared TFC-FO 
membrane using the HF with smaller diameter showed higher FO flux and better 
mechanical properties than those of the membrane prepared using the HF with larger 
diameter. Thus, hollow fiber support with a smaller diameter is preferable for TFC FO 
membrane preparation to obtain higher FO flux and pressure resistance. However, the 
bore-side pressure drop is also higher, which leads to higher energy consumption by the 
pump. Thus, from the viewpoints of membrane performance and energy consumption, 
an optimum hollow-fiber diameter exists. The prepared TFC-FO membrane using the 
HF with smaller diameter showed one of highest FO fluxes yet reported in the literature 
 
5. Up-concentration of sugars in pretreated-rice straw by forward osmosis concentration 
method 
 Forward osmosis (FO), driven by high osmotic pressure, was employed for the first 
time for bioethanol production from lignocellulosic biomass. Herein, a commercial 
membrane, TFC-ES, was used and 3.6 M triethylamine (TEA) was chosen as the draw 
solution. Liquid fraction of hot water-pretreated rice straw was concentrated by using 
the FO membrane. The initial sugar concentration of 199 mM increased to 825 and 1612 
mM after 48 and 72 h of FO concentration, respectively, and these values were much 
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higher than those obtained from nanofiltration. Simultaneous saccharification and 
fermentation of the liquid fraction after 48 h of FO concentration by xylose-fermenting 
recombinant Saccharomyces cerevisiae produced 17.7 g/L of ethanol after 24 h 
fermentation. Thus, the FO process has tremendous potential to up-concentrate sugars 
obtained from lignocellulosic biomass. 
 
6. Construction of combinational nanofiltration and forward osmosis process for ethanol 
production from pretreated rice straw 
 To investigate the effect of up-concentrated monomeric sugars and fermentation 
inhibitors concentration for the ethanol fermentation process by using the both FO 
concentration method and NF concentration method with the actual sugar solution 
which was originated from pretreated rice straw. The advantages of both processes were 
up-concentration sugars (FO) and the inhibitor concentrations decline (NF). Thus, novel 
pre-treatment method such as NF-FO hybrid system was proposed. Saccharomyces 
cerevisiae produced 24 g/L of ethanol and 0.43 of ethanol yield after 72 h fermentation. 
This process is a promising technology for concentrating the sugars obtained from 
pretreated lignocellulosic biomass. 
 
Perspective 
FO membranes are expected to have the characteristics of high A value, low B and low 
S value, together with high antifouling property and chemical stability. To achieve these 
FO membrane performances, the ICP effect in the support membrane should be 
decreased. Small S values (less than 250 m in chapter V) are necessary to minimize ICP 
effect. To fabricate the high porous support by using nanofiber and porous materials is 
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needed. In some preceding studies, use of nanofibers and incorporation of porous 
materials have been investigated, which may further be explored more in future research. 
In my research, forward osmosis (FO) was used for the first time for bioethanol 
production from lignocellulosic biomass. In the future, lower rejection of fermentation 
inhibitors should be achieved for the FO membrane along with higher rejection of sugars 
or additional new process to help detoxification should be combined with the FO 
membrane process. Such improvements are now being investigated in our laboratory. 
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